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I. INTRODUCTION

The following process design specifications describe a new "grassroots"

heavy oil upgrading refinery whose purpose is to produce principally JP-4 or

JP-8 aviation turbine fuel from San Ardo (California) heavy crude oil at a

crude charge rate of 50,000 barrels per operating day. The importance of the

design is that it represents a strategic alternative for the production of

U.S. military jet fuel using a domestic, rather than foreign, hydrocarbon

resource. The feedstock is generally considered to be difficult to process due

to its high viscosity and molecular weight, and high sulfur and nitrogen

contents.

The purpose of the refinery design was to obtain an accurate assessment

of construction and operating costs, which in turn would be used to determine

the selling price of refinery fuel products to maintain an economically viable

operation. The total installed capital cost for the refinery based on fourth

quarter 1985 prices for a Salt Lake City, Utah, location was estimated to be

$1.126 billion. Components of the refinery operating costs also are listed

later in this report. Results of the economic study to determine product fuel

pricing appear in a separate report of the overall Phase III project

The distinguishing heavy oil upgrading process in the refinery design is

the "hydrovisbreaking" of vacuum reduced crude oil in the presence of a coke-

suppressing molybdenum-based additive. The operation converts reduced crude
to lower molecular weight hydrocarbons which can be converted to high-quality

fuels by conventional petroleum refinery hydrotreating and hydrocracking

-* processes. The attractiveness of hydrovisbreaking as described here is its

high conversion of the reduced crude with suppression of coke formation by a

non-proprietary process using conventional processing equipment.

The design basis for each of the hydroprocessing units in the refinery

including hydrovisbreaking, hydrotreating, and hydrocracking was developed

1 Talbot, A. F. et al, AFWAL-TR-87-2043 " Volume I - Phase III Pilot Plant

Testing, Final Design, and Economics", August 1987.
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4

from pilot plant experiments conducted for this project.

Most of the process design calculations were done with the "PROCESS"
a,

computer simulation program developed by Simulation Sciences, Inc.

Comprehensive heat and material balances were computed for the six major

refinery plants including the Crude Unit, Hydrovisbreaker, Naphtha

Hydrotreater, Distillate Hydrotreater, Distillate Hydrocracker, and the Gas -,

Plant. Consequently, their capital cost estimates are based upon detailed,

major equipment specifications.
-a

The other process units have very standardized "packaged" designs for

which the literature and reputable vendors have provided detailed estimates of "a

construction and operating costs. For these units it was, therefore, a.

unnecessary to perform computer simulations and derive rigorous heat and

material balances. However, the large compressor systems for the Hydrogen

Plant and Hydrogen Purification Unit, were specified individually to permit a

compressor manufacturer to determine their costs.

3* 3.

%~



II. OVERALL PROJECT DESCRIPTION

This design package was one element of a much larger project performed

under U.S. Air Force contract No. F33615-83-C-2352, entitled "Turbine Fuels

from Tar Sands Bitumen and Heavy Oil". The program of work was subdivided

into the following three phases:

Phase I - Preliminary Process Analysis

A series of case studies of potential upgrading and refining

processes for the purpose of selecting a candidate conversion

scheme.

Phase II - Laboratory Sample Production

Preliminary bench-scale experiments with a variety of heavy

crude oil and tar sand bitumen feedstocks to demonstrate the

candidate conversion scheme, to determine overall processing

requirements, and to supply small product samples for

evaluation.

Phase III - Pilot Plant Studies, Final Design and Economics

Pilot plant testing of a specific heavy crude oil, i.e., San

Ardo heavy crude, final process design of a commercial-scale

refinery, and an economic evaluation of the refinery capital

construction and operating costs. Phase III entailed scale-up

from preliminary work to demonstrate operability, to generate

a design basis, to project fuel product costs, and to provide

larger representative fuel samples.

The overall objective of the program was to assess the costs, yields, and

physical and chemical characteristics of aviation turbine fuels made from U.S.

domestic tar sands bitumen and heavy crude oil. The program required that

conversion of these low grade feedstocks to high quality finished fuels be

accomplished by commercially viable upgrading and refining processes to

achieve product slates emphasizing either JP-4 or JP-8 turbine fuel, or a p

mixture of transportation fuels.

3I
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III. REFINERY PROCESS DESCRIPTION

The basic refinery process flow scheme includes twelve onsite processing

units and is illustrated in Figure 1. A more detailed working sketch of all

interplant streams is provided in Figure 2. The major processing units are:

1. Crude Unit

2. Hydrovisbreaker Unit

3. Naphtha Hydrotreating Unit

4. Distillate Hydrotreating Unit

5. Distillate Hydrocracking Unit (with product fractionation)

6. Gas Plant

Additional auxiliary units include:

7. Hydrogen Plant (Steam-Hydrocarbon Reforming)

8. Hydrogen Purification Unit (Pressure Swing Adsorption)

9. Low Pressure Amine Unit

10. Sour Water Stripper and Ammonia Plant (Chevron WWT Process)

11. Sulfur Recovery Unit (Claus unit followed by BSR/MDEA tail gas unit)

12. Flue Gas Desulfurization Unit (Wellman-Lord/Davy Powergas Process)

The refinery process concept emerged from the Phase I case studies and was

demonstrated in the Phase II bench-scale work. The processing objective was

the exclusive production of wide-cut gasoline, or JP-4 type aviation turbine

fuel. However, the refinery has been configured to allow the production of

kerosene, or JP-8 type turbine fuel with a minimum of equipment or operational

changes.

To simplify the change from one product slate to the other, the refinery

has been designed so that all process operations upstream of the Distillate

Hydrocracker and Main Fractionator are identical for both JP-4 and JP-8

production. Consequently, switching from one product slate to the other

requires changing only one primary control parameter (the fractionation end-

point of the turbine fuel product from the Main Fractionator Tower) and

-4-
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placing the Dehexanizer Tower downstream of the Main Fractionator in or out of

service. During JP-4 operations the Dehexanizer is in operation; during JP-8
production it is out of service. s

Descriptions of individual refinery operating units follow.

Crude Unit

The refining process begins with 50,000 BPSD of crude oil being charged to %

the Crude Unit, where straight-run distillate boiling below 650*F is separated .

from the >650 *F vacuum reduced crude, which is to be upgraded at the

Hydrovisbreaker. The incoming crude oil is first diluted with 16,000 BPSD

recycled straight-run naphtha to reduce the crude viscosity to nearly 2

centipoise which is optimal for the subsequent 2-stage desalting operation.

In the desalters, inorganic contaminants (sediment and water-soluble) are

removed from the crude.

The desalted crude is flashed at atmospheric pressure to recover a large

quantity of naphtha, most of which is recycled for crude dilution. The

remainder is removed from the Crude Unit as a net straight-run naphtha stream.

Sharp fractionation of the recycled naphtha is unnecessary, and the

atmospheric flash is adequate. This reduces the load on the downstream vacuum

distillation tower to which the atmospheric flash tower bottoms is fed.

S

The vacuum tower fractionates this stream at a true-boiling cut point of

6500 F. The straight-run (6500F vacuum distillate is combined with the net

straight-run naphtha from the atmospheric flash tower and routed to the

Naphtha Hydrotreater Feed Splitter Tower. The vacuum reduced crude boiling

above 6500F, representing 79 volume percent of the whole crude, becomes the

liquid feed for the Hydrovisbreaker.

Hydrovisbreaker

The hydrovisbreaker feed rate is 39,366 BPSD. Approximately 60 volume

percent of this boils above 9750 F. Because this material cannot be converted

directly to high-quality turbine fuels by conventional hydrotreating and

hydrocracking alone, it is first upgraded to lighter products in the

hydrovisbreaker. In the hydrovisbreaker reactors, the residuum is thermally

cracked at 850°F and 2500 psig in the presence of hydrogen and a molybdenum-
7 -. '
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I-,

based coke-suppressing additive. Molybdenum concentration is 367 ppm (wt.)

of reactor liquid feed. About 70 percent of the >975'F fraction is converted -P

to lower boiling products. 0

The hydrovisbreaker reactor effluent is separated into recycle gas,

naphtha, middle and heavy distillates, and a vacuum residuum by a series of

phase separators and atmospheric and vacuum fractionation towers.

Since feed sulfur conversion exceeds 50 percent, a high pressure amine

scrubber is included to remove hydrogen sulfide from the recycled hydrogen gas

stre, . The recovered hydrogen sulfide is routed directly to the refinery

Sulfur Recovery Unit.

Feed Splitter Tower (at the Naphtha Hydrotreater Unit)

The straight-run naphtha plus distillate mixture from the crude unit is

charged to the feed splitter tower at the Naphtha Hydrotreating Unit, where it

is fractionated more sharply into naphtha and middle distillate fractions at a

nominal 490F cut-point.

The feed splitter overhead stream needs only to be hydrotreated to be

suitable for JP-4 blend stock. It is combined with hydrovisbroken naphtha of

the same boiling range and processed in the Naphtha Hydrotreating Unit.

The feed splitter bottoms is straight-run distillate boiling nominally

from 490-650*F. It needs to be more severely hydrotreated and hydrocracked to

make acceptable turbine fuel blend stock. This refining takes place in the

distillate hydrotreater/hydrocracker complex.

Naphtha Hydrotreater Unit

The straight-run and hydrovisbroken naphthas are combined and

catalytically hydrotreated at the Naphtha Hydrotreating Unit to reduce olefin,

aromatic, sulfur, and nitrogen contents to acceptable levels. Yields are

based upon pilot plant results with a nickel-molybdenum-on-alumina catalyst.

The reactor design temperature and pressure are 650*F and 1250 psig,

respectively.

I8
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Before further processing, the hydrotreated liquid product is stripped of

light ends to permit safe intermediate storage if that becomes necessary. It

is then routed to the Main Fractionator Tower at the Distillate Hydrocracker

Unit, where it is separated into naphtha and turbine fuel products.

Distillate Hydrotreater Unit

The feed to the Distillate Hydrotreater Unit consists of the straight run

gas oil from the Naphtha Hydrotreater Feed Splitter Tower bottoms, and the
A middle and heavy distillate cuts from the Hydrovisbreaker atmospheric and

vacuum fractionation towers.

The combined distillates are catalytically hydrotreated to reduce olefin,

heteroatom, and aromatics contents, producing acceptable quality hydrocracker

feed. Pilot plant experiments, using the same nickel-molybdenum-on-alumina

catalyst as in the Naphtha Hydrotreater Unit, formed the yield basis for this

design. Operating conditions were 750°F and 2500 psig.

Distillate Hydrotreater Unit processing conditions are relatively severe,

producing considerable reduction in feed molecular weight and distillation

range. Therefore, hydrotreater plant product, after preliminary

stripping/stabilization, is directed to the main product fractionator, rather

than to the hydrocracking reactor, to separate the lighter products from the

heavier gas oil feed intended for the Hydrocracker. This step reduces charge

rate to the Hydrocracker Unit and avoids excessive light ends production in

the Hydrocracker Unit.

Main Fractionator Tower & Distillate Hydrocracker Unit

The Main Fractionator Tower is located at the Distillate Hydrocracker

Unit. It serves to 1) fractionate final refinery products, 2) to separate

light components from the the Distillate Hydrocracker fresh feed, and 3) to
separate hydrocracker products from the unconverted heavy gas oil which is

recycled to extinction in the hydrocracker.

Stabilized naphtha from the Naphtha Hydrotreater Unit is supplied to the

upper part of the Man Fractionator Tower becoming overhead (light naphtha) and

side stream (turbine fuel) products.

-9-
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The Distillate Hydrotreater liquid product, which is the source of fresh

feed for the Distillate Hydrocracker, contain a significant amount of light

ends. It is fed to the lower part of the Main Fractionator Tower, where the

naphtha and turbine fuel components are removed from the heavy gas oil, which

is routed to the Hydrocracker reactor.

The same feed tray also receives liquid product from the Hydrocracker

Unit. This stream as also been stabilized, by high pressure and low pressure

flashes, to unload the Main Fractionator and to permit safe intermediate

storage if required.

The Main Fractionator bottoms product is the total liquid feed for the

Distillate Hydrocracker. Under design conditions 60 volume percent of it is

fresh feed originating from the Distillate Hydrotreater and 40 percent is

unconverted oil recycled from the Hydrocracker product stream.

Operating conditions within the hydrocracking reactor are established to

maintain 60 percent conversion of total reactor liquid feed per pass through

the reactor. By recycling all unconverted gas oil back to the reactor the

Distillate Hydrocracker achieves overall 100% conversion, catalytically

cracking all of the heavy gas oil to turbine fuel and lighter products.

Turbine fuel sidestream product is removed from the Main Fractionator and

is steam-stripped. Stripper tower vapor is returned to the Main Fractionator

above the sidedraw, and the stripped bottoms is sent to turbine fuel storage.

During JP-4 operations this turbine fuel stream is combined with the

Dehexanizer bottoms to form the entire JP-4 turbine fuel product. During JP-8

production, the sidestream is drawn from a lower tray of the Main

Fractionator, and after being stripped, comprises the entire JP-8 product.

A lean oil purge stream from the Gas Plant Debutanizer bottoms is fed to

the upper part of the Main Fractionator for removal of light naphtha. A lean

oil makeup stream is drawn from an upper tray and returned to the Debutanizer.

-10-~v
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Switching Product Slates

Combining these various fractionation duties in the one Main Fractionator

column reduces to three the number of process changes necessary to switch from S

JP-4 to JP-8 turbine fuel production. All of them occur at the Main

Fractionator and Distillate Hydrocracker Unit. They include:

(1) The fractionation cut-point between the Main Fractionator

sidestream turbine fuel and the bottoms product (which is

Distillate Hydrocracker feed) must be increased, nominally from

the 475*-490*F range up to 550*F. This is done by drawing the

sidestream from a lower tower tray and adjusting the reboi ler

duty upward.

(2) In a response to the altered cut-point mentioned above, the

Distillate Hydrocracker liquid charge rate is lowered and the

initial boiling point of the feed is increased by about 60F.

This will require an adjustment to the hydrocracker reactor Op

temperature in order to maintain the nominal 60 percent

conversion per pass.

(3) For both JP-4 and JP-8 operations the Main Fractionator

overhead, which boils nominally below 2750 F, is combined with

the Gas Plant Debutanizer naphtha sidestream. During JP-4 ,

operations this combined stream is separated into light

naphtha, boiling below about 120*F, and a 120*-275*F turbine

fuel component in the Dehaxanizer Tower. The turbine fuel

portion is then combined with the stripped sidestream from the

Main Fractionator to form the entire JP-4 turbine fuel product. 0

During JP-8 production, the Main Fractionator overhead and

Debutanizer sidestream are combined as naphtha product because

they are not within the 275°-5500F boiling range of the JP-8

product. Consequently, the Dehexanizer tower may be taken out

of service and the entire JP-8 product comes from from the Main

Fractionator sidedraw.

- 11 - .)



Gas Plant

The Gas Plant is comprised of a combination Absorber-Stripper Tower, a

Debutanizer Tower and a small Debutanizer Sidestripper Tower. The plant

processes the combined gaseous products and light condensibles which originate

at certain low pressure separator vents, plus all of the tower overhead gases.

The Gas Plant produces a dry gas stream containing hydrogen and C1 -C3

hydrocarbons, a butane product stream, and a naphtha stream. %

Gas Plant feed enters the top of the Stripper section of the Absorber-

Stripper tower. Gas travels upward through the Absorber tower, while lean oil

introduced at the top of the Absorber recovers condensibles from the gas. The

Stripper removes dissolved gases from the rich oil, which leaves as Stripper

bottoms enroute to the Debutanizer. I

The rich oil is combined with makeup lean oil from the Main Fractionator,

to form the total Debutanizer feed. The Debutanizer produces a butane product

overhead plus a stabilized naphtha sidestream. Debutanizer bottoms is

recovered as absorber lean oil. A Debutanizer Sidestripper tower strips light

ends from the naphtha before it leaves the unit.

A small lean oil purge stream is drawn from the Debutanizer bottoms and

routed back to the Main Fractionator Tower.

The Absorber dry gas is sent to the Low Pressure Amine unit with other

light refinery gases for removal of hydrogen sulfide before it is used as

hydrogen plant feed. The butane product is consumed partly as feedstock for

the hydrogen plant and partly as fuel for the hydrogen plant furnaces. The

naphtha from the gas plant is mixed with the overhead distillate from the Main

Fractionator upstream of the Dehexanizer tower.

-12 -
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Low Pressure Amine Unit

The dry gas from the Gas Plant is combined with low pressure vent gas

from both hydrotreaters and the tail gas from the Hydrogen Purification Unit

to form the feed to the Low Pressure Amine Unit. Hydrogen sulfide in these

gases must be removed before the dry gas can be used as feedstock to the

hydrogen plant.

The hydrogen sulfide is absorbed by a lean alkanolamine solution in an

amine contactor tower. The H S-rich amine leaving the bottom of the contactor

enters the top of an amine still, where the hydrogen sulfide is stripped

overhead from the circulating amine and is directed to the Sulfur Recovery

Unit. The lean amine is recycled to the top of the Absorber.

The H2S-free dry gas from the Low Pressure Amine Unit is totally consumed

as feedstock for the Hydrogen Plant (Steam-Hydrocarbon Reformer).

Hydrogen Plant

Two parallel hydrogen plants convert light hydrocarbon gases to hydrogen

by a steam reforming process. Two are required, since the total refinery

hydrogen requirements are nearly twice the capacity of the largest packaged

hydrogen plant normally constructed.

The primary feedstock for the Hydrogen Plant is the dry gas product from

the Low Pressure Amine Unit. Butane product from the Gas Plant is

supplemental feed. The remaining butane fuels the hydrogen plant reformer

furnaces, which require a relatively clean, sulfur-free fuel. Since the

reformer furnace duties exceed the available butane fuel, some naphtha product

is also fired.

Hydrogen Plant feedstock is further desulfurized and combined with water

(plant condensate). Tubes of catalyst in the reformer furnace convert the

steam and hydrocarbons to hydrogen and to carbon oxides. Any carbon monoxide

is converted to carbon dioxide in a high-temperature shift reactor at 750'F

followed by a low-temperature shift reactor at 400*F.

0
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Potassium carbonate solution removes carbon dioxide from the gas

products at an absorber, then releases the CO2 to an atmospheric vent at a

stripper tower while being regenerated for recycle to the absorber. A

methanation reactor converts residual amounts of carbon monoxide in the gas to

methane. The product is a makeup gas containing 95 percent hydrogen and 5 d'

percent methane, which is then supplied to the hydrovisbreaking unit, both

hydrotreaters, and the hydrocracker unit.

Hydrogen Purification Unit

A 95 percent purity for makeup hydrogen is adequate for the Naphtha

Hydrotreater and Distillate Hydrocracker plants. Neither unit requires a high

pressure purge gas be drawn from the recycle hydrogen stream to maintain high

purity, because potential impurities are satisfactorily carried away in the

liquid products.

However, if the Hydrogen plant were the only source of fresh hydrogen for

the Hydrovisbreaker and Distillate Hydrotreater units, very large high-

pressure purge rates, and correspondingly high makeup hydrogen rates, would be

necessary to meet the hydrogen partial pressure requirements. The operations

would approach expensive "once-through" hydrogen flow with little gas

recycled.

To avoid this, a Hydrogen Purification Unit recovers, purifies, and

recycles the hydrogen present in the high-pressure purge gases from the

Hydrovisbreaker and Distillate Hydrotreater. The Pressure Swing Adsorption %

(PSA) process, which is a cyclic operation, is used. Its five distinct steps

. require installation of five identical vessels, which are filled with

molecular sieve separation media.

d Feed entering at high pressure is expanded through a turboexpander to

- recovery energy, and is charged to one of the five vessels. During the on-

sream cycle, the hydrocarbons in the feed are selectively adsorbed on the %

*' molecular sieve. Hydrogen containing a small amount of hydrocarbon,

principally methane, passes through as purified product. Meanwhile the other

-V -14-
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four vessels are undergoing varying degrees of depressurization, desorption of

hydrocarbons, and purging to a tail gas stream. Periodically, each of the

vessels switches to the next process step in the series, and feed is routed to

a different vessel.

Hydrogen recovery from the PSA feed gas is nearly 90 percent, and the

resulting purity is 99 percent, with 1 percent methane. The purified hydrogen

is recompressed and directed to the Hydrovisbreaker and Distillate

Hydrotreater reactors. The purged tail gas is processed at the Low Pressure

Amine Unit, eventually to be consumed as feedstock for the Hydrogen Plant.

Sour Water Stripper and Ammonia Plant

Sour process water is generated at several operating units and requires

treatment before reuse or disposal. Inorganic contaminants are ammonia,

hydrogen sulfide, or chemical combinations of the two in the form of ammonium

sulfides, pentasulfides or hydrosulfide. Traditional two-stage water

stripping would consume both caustic soda and acid to recover ammonia and

hydrogen sulfide separately.

However, the proprietary Chevron WWT process for sour water clean-up does

not require caustic and acid, and permits reuse of the stripped water for

hydroprocessing injection, crude unit desalting water, and other process uses.

The reduced refinery water usage and disposal is important in the arid

environment in which the refinery would be constructed.

The plant first strips incoming sour water of residual dissolved gases,

then sequentially steam strips the water of hydrogen sulfide, then ammonia.

Plant products are the cleaned-up water available for re-use, anhydrous liquid

ammonia for sale, and hydrogen sulfide, which is supplied to the sulfur

recovery unit.

Sulfur Recovery Unit

Accepted environmental practice requires that hydrogen sulfide be removed 'r

from vented gases throughout the refinery. Typically, the hydrogen sulfide is

converted at a Sulfur Recovery Unit to elemental sulfur, which is sold.

-15-
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In this refinery design, hydrogen sulfide is recovered from three

sources: 1) the High Pressure Amine Unit that processes the Hydrovisbreaker

recycle gas, 2) the Low Pressure Amine Unit which cleans the refinery dry gas

a and vent gas, and 3) the Chevron WWT Unit (Sour Water Stripper and Ammonia

Plant) which recovers hydrogen sulfide from refinery sour water.

The Sulfur Recovery Unit consists a Claus unit and a tail gas clean-up

unit. The Claus unit partially reacts hydrogen sulfide and oxygen (air) to -.

produce molten elemental sulfur. Because the resulting combustion gases

include low concentrations of sulfur oxides, they cannot be vented directly to

the atmosphere. The tail gas unit reduces the sulfur content to acceptable

levels by catalytic reduction to hydrogen sulfide, followed by extraction of

the hydrogen sulfide with alkanolamine. The hydrogen sulfide is returned to

the front end of the Claus unit, and the scrubbed gases are vented. The

primary plant product is saleable molten sulfur.

Flue Gas Desulfurization Unit

With the exception of the Hydrogen Plant Reformer Furnace, all refinery

process heaters plus the main refinery boiler are fueled by vacuum residuum

* produced at the Hydrovisbreaker Vacuum Distillation Tower. Flue gas from

* these furnaces contains sulfur dioxide which cannot be vented to the

atmosphere. In addition, the resid fuel contains appreciable trace metals

(nickel, vanadium, and molybdenum from the Hydrovisbreaker coke-suppressing

additive), which become fly ash during fue! combustion.

Therefore all refinery flue gas (except from the Hydrogen Plant reformer

furnace) is processed in the Flue Gas Desulfurization Unit. Flue gas first

passes through an electrostatic precipitator to capture fly ash, after which

it is desulfuriLed. 
N

The regenerative Wellman Lord/Davy Powergas process was selected to

desulfurize the flue gas. Because it is regenerative, it produces a molten

sulfur product and thus avoids a significant disposal problem associated with

spent treating agent, which non-regenerative processes have (e.g., the

limestone slurry throw-away processes).

- 16 -
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Furnace Fuels

The vacuum residuum from the Hydrovisbreaker Vacuum Distillation Tower

becomes fuel for the refinery main boiler and all process heaters with the P

exception of the Hydrogen Plant reformer furnace. While its sulfur content of

1.5 weight percent is tolerable in the process heaters, the residual fuel is

not suitable for the high temperature Hydrogen plant reformer furnace, where

it would tend to hasten corrosion of the furnace tubing and risk catastrophic

hydrogen leaks.

The primary clean fuel used in the Hydrogen Plant reformer furnace is

that portion of the butane product from the Gas Plant which has not been used

as feedstock for the hydrogen plant. The butane fuel is supplemented by

naphtha product to meet the firing requirements.

.p.

Commercial operations using vacuum residuum as furnace fuel indicate that

there should be no problem in firing undiluted Hydrovisbreaker residuum,

provided it can be stored and circulated at temperatures to 450F. However, IJ

it would be necessary to establish the appropriate burner design to obtain

adequate atomization. Separate burners for firing a lighter oil to control

the heater duty more accurately may be helpful.

Because the residuum is an undesirable net product, its use as furnace fuel

helps to solve the problem of its sale or disposal.

IV. IMPACT OF SWITCHING TO JP-8 PRODUCTION

Rigorous design calculations were completed only for the case of JP-4 p

turbine fuel production. Separate calculations for the JP-8 case would have

been redundant. However, JP-8 production does impact operations and economics

of the refinery, specifically at the Main Fractionator, the Distillate

Hydrocracker, and the Dehexanizer tower. A

-17-
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Raising the cut-point between the Main Fractionator turbine fuel sidedraw

and the tower bottoms from 475°F to 550*F will produce little, if any, change

in the total combined production of naphtha and turbine fuel distillates at

the tower. The net effect is that slightly more of the fresh gas oil feed

from the Distillate Hydrotreater will pass directly through the Main

Fractionator to the liquid product pools without first having to be

hydrocracked.

Obviously, the change in initial boiling point of the turbine fuel

product, from about 120*F for JP-4 to about 275*F for JP-8, means that more of

the Main Fractionator overhead distillate is going to exit the refinery as

naphtha, and less as turbine fuel. However, the economic bases employed in

this project assigned equal market values to the naphtha and turbine fuel .

Consequently, although the ratio of naphtha to turbine fuel is greater for the

JP-8 case than the JP-4 case, it does not change the economics; the combined

sales revenue from these two products remains the same. Of course, if p.

separate values were assigned to naphtha, JP-4, and JP-8, an economic impact

could be calculated.

Switching from JP-4 to JP-8 production will reduce refinery operating

costs modestly. Shutting down the Dehexanizer tower obviously eliminates the

consumption of reboiler steam, condenser cooling water, and electrical demand

for pumps, etc. The Distillate Hydrocracker will operate in a less severe

mode. With the slower charge rate and increased reactor residence time, a

lower reaction temperature can be used to achieve the same 60% conversion per

pass, and less charge preheating will be needed. However, this may be

somewhat off-set by a potentially greater reboiler temperature at the Main

Fractionator to achieve the higher cut-point.

For equipment sizing, JP-4 production is the size-determining

Hydrocracker operation; less throughput is required for the JP-8 mode of

operation. Total fresh liquid feed to the Main Fractionator from the two

hydrotreaters remains the same for both cases. Thus, switching to JP-8 would

not bottleneck the refinery in any way. JP-8 operation did impact the size of

the naphtha storage tank. It is sized for the larger naphtha flow rate that

results from the shutdown of the Dehexanizer tower throughout JP-8 operations.
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Concern was raised that the processing change from JP-4 to JP-8 could p

alter the quality, primarily sulfur content, of the naphtha being fired in the

Hydrogen Plant reformer furnace. Review of the respective stream flows and

qualities indicated the naphtha sulfur content would remain at extremely low

levels.

Overall, the impact of switching to JP-8 production is negligible.

1.
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1/ Table 1

TURBINE FUEL REFINERY CAPITAL COST SUMIMARY

ONSITES Instal led Cost1

Crude Unit........................................... 3 19,968,000

Hydrovisbreaker Unit ................................... 168,119,000
Na h h y r t e t r Un t . . . . . . . . . .. . . . . . 2 , 5 ,0

Napthlat Hydrotreater Unit.............................2140,154,000

Distillate Hydrotrater Unit............................14,183,000

Gas Plant............................................... 9,380,000

Hydrogen Plant............................. ............ 99,075,000

J.Hydrogen Purification Unit.............................. 60,915,000

Low Pressure Amine Unit................................. 3,079,000

Sour Water Stripper and Ammnonia Plant.....................33,091,000

p.Sulfur Recovery Unit.................................... 37,119,000

pFlue Gas Desulfurization Unit........................... 54,328,000

Total Onsites ..................................... S 744,135,000

OFFSITES

Tankage.............................................. S 45,061,000

Other: Specified by U.S. Air Force

as 45% of onsite costs........................ 334,861,000

SPARE PARTS .. . . . . . . . . . . . . . . . . . . . . . . 1,498,000

ROUND UP TO NEAREST MILLION DOLLARS ............ 445,000

TOTAL REFINERY INSTALLED COST .............. S 1,126,000,000

1Based on 4th Quarter 1985 prices, Salt Lake City, Utah location



Table 2

SCOPE OF ONSITE AND OFFSITE FACILITIES

ONSITES Crude Unit
Hydrovisbreaker Unit
Naphtha Hydrotreater Unit
Distillate Hydrotreater Unit
Distillate Hydrocracker Unit
Gas Plant
Hydrogen Plant
Hydrogen Purification Unit
Low Pressure Amine Unit
Sour Water Stripper and Ammonia Plant
Sulfur Recovery Unit
Flue Gas Desulfurization Unit

OFFSITES

TANKAGE: Crude tankage
Intermediate tankage
Product tankage
Fuel tankage

OTHERS: Site preparation, grading, dyking and piling
Paved roads and railroad spur -

Office building, cafeteria, change rooms
Maintenance buildings, warehouse, and spare parts
Medical facilities
Powerhouse
Electrical power substation and grid
Boiler feed water treating and water storage
Steam boilers, distribution piping, and condensate tank
Air systems - plant and instrument
Firehouse and trucks
Fire water pond, fire water pumps, and distribution system
Foam fire system on tanks
Cooling towers and water supply
Sanitary drinking water
Hydrogen and gas flare system
Butane treating
Product loading for sulfur, ammonia
Crude and product receiving and pumping station
Communication systems
Offsite piping and pipeways
Nitrogen purge system
Sewer systems (3): contaminated, sanitary, run-off
Waste water treatment plant, API separators, slop tanks
Duct work from fired heaters '
Receiving truck rack and chemical storage
Sludge disposal storage
Spent catalyst disposal site

w--,
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Table 3

SUMMARY OF MAJOR REFINERY STREAM RATES

The stream rates below were calculated by computer simulations of individual

operating plants and were used to specify major equipment sizes. Generally,

the individual plant weight balances achieved 100 percent recoveries.

However, the simulations dealt principally with the distribution of

hydrocarbons and hydrogen gas, not the precise flow of sulfur and nitrogen

throughout the refinery. Sulfur and nitrogen flows were determined separately

and were superimposed on the overall refinery design. The resulting overall

refinery material balance slightly exceeded 100 percent weight recovery, and

therefore some reduction of refinery hydrocarbon product rates was necessary

to establish 100 percent closure and determine product yields. Consequently,

the data below, used for equipment sizing, will differ somewhat from the final

product yields, intended for refinery economic evaluation, but in either case

the values are conservative for their respective purposes.

BPSD MSCFH M LB/HR

CRUDE UNIT

Crude Oil Charge 50,000 - 715,195

Naphtha Recycled as Crude Oil Diluent 16,008 - 200,947

HYDROVISBREAKER UNIT

Liquid Charge 39,366 577,565

Additive Feed - 2,690

Naphtha Recycled as Additive Diluent 600 6,724

Fresh Hydrogen Feeds
from Hydrogen Plant - 1,670 11,960

from Hydrogen Purification Unit - 1,546 8,785

Recycled Gas - 6,355 90,381

Total Reactor Gas Feed - 9,571 111,126

NAPHTHA HYDROTREATER UNIT

Feed Splitter Charge 10,542 136,443
Naphtha Hydrotreater Charge:

Feed Splitter Overhead Naphtha 4,267 53,271

Hydrovisbroken Naphtha 11,875 - 135,003

Total Liquid Charge 16,142 - 188,274



Table 3

SUMMARY OF MAJOR REFINERY STREAM RATES

(continued)

BPSD MSCFH M LB/HR

NAPHTHA HYDROTREATER UNIT (continued)

Makeup Hydrogen - 374 2,677

Recycle Gas- 2,885 34,680

Total Reactor Gas Feed - 3,259 37,357

DISTILLATE HYDROTREATER UNIT

Charge:

Feed Splitter Bottoms 6,276 - 83,172

Hydrovisbroken Distillates 24,376 - 337,644 0

Total Liquid Charge 30,652 - 420,816

Fresh Hydrogen Feeds
from Hydrogen Plant - 2,290 16,398

from Hydrogen Purification Unit - 1,663 9,450 _

Recycled Gas - 2,430 21,286

Total Reactor Gas Feed - 6,383 47,134

GAS PLANT I

Total Gas Feed (to Absorber-Stripper) - 1,413 111,806

Lean Oil Makeup (to Debut. Feed) 975 - 10,745

Absorber Overhead Dry Gas - 944 37,062

Debutanizer Overhead Butane 7,165 - 59,512

Debutanizer Sidedraw Naphtha 1,798 - 16,585

Lean Oil Purge (from Debut. Bottoms) 843 - 9,396

DISTILLATE HYDROCRACKER UNIT

Total Liquid Charge

(Main Fractionator Bottoms) 44,184 - 563,618

Makeup Hydrogen - 2,416 17,301

Recycled Gas - 3,107 41,312

Total Reactor Gas Feed - 5,524 58,613

23 -
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Table 3
SN

SUMMARY OF MAJOR REFINERY STREAM RATES

(continued)

BPSD MSCFH M LB/HR

DISTILLATE HYDRCRACKER UNIT (continued)

MAIN FRACTIONATOR ;r

Feeds:

Naph. Hydrotreater Liquid Prod. 15,770 - 187,498

Dist. Hydrotreater Liquid Prod. 33,354 - 422,847

Dist. Hydrocracker Liquid Prod. 41,983 - 487,938

Lean Oil Purge from Gas Plant 843 - 9,396

Lean Oil Makeup to Gas Plant 975 - 10,745

Sidestripped Turbine Fuel 26,052 - 301,799

DEHEXANIZER TOWER
-I,

Feeds:

Main Fractionator Overhead 23,180 - 246,028

Gas Plant Naphtha Product 1,975 - 18,155

Overhead Naphtha Product 5,505 - 50,986

Bottoms Turbine Fuel Product 19,650 213,197

HYDROGEN PLANT

Total Dry Gas Feedstock - 2,015 69,889

Butane Feedstock 1,425 - 11,833

Reaction Water Feed 422 - 147,728

Makeup Gas Product - 6,752 48,336

Carbon Dioxide Product - 1,562 181,114

HYDROGEN PURIFICATION UNIT

Feedstocks:

Hydrovisbreaker High Pres. Bleed Gas - 2,035 28,951

Dist. Hydrotreater High Pres. Bleed - 1,982 17,358

Purified Hydrogen Product - 3,209 18,235

Tail Gas (used as Hydrogen Plant feed) - 808 28,074

M = thousands, e g. 1 MSCFH = 1 thousand standard cubic feet per hour

< e



Table 4

REFINERY PRODUCT YIELDS

Basis: JP-4 Turbine Fuel Production

Vol% of Wt% of
Crude Oil Crude Oil

Net Salable Products BPSD Charge lb/hour charge

JP-4 Turbine Fuel 44,298 88.60 499,180 69.80

Naphtha 3,290 6.58 30,468 4.26

Residuum 681 1.36 10,770 1.50

Ammonia (101.4 Tons/Day) - - 8,367 1.17

Sulfur (172.8 Tons/Day) - - 14,398 2.01

Sodium Sulfate - - 272 0.04

Net Unsold Product

Carbon Dioxide (1.514 MMSCFH) 175,552 24.55

Totals 739,007 103.33

4%
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Table 5

REFINERY WEIGHT BALANCE

Basis: JP-4 Turbine Fuel Production

Boundary Limits:

Boundary limits for this balance include the oil and gas processing %
operations at all the major processing units and auxiliary units with
these exceptions: combustion of refinery products used as fuels for all
fired heaters, plus the desulfurization of resulting flue gases are -p

considered outside the boundary.

Refinery Inputs: lb/hr

Crude Oil ................................................ 715,195
Coke-suppressing Additive .................................. 2,690
Natural Gas to Sulfur Recovery Unit ........................ 1,012
Reaction water for Hydrogen Plant steam reformer ........... 147,728

Tota l Input ................................................ 
866,625

Refinery Outputs:

To Fuels: Butane ........................................ 46,215

Naphtha ....................................... 18,952
Res idum ....................................... 63,365

To Sales: Naphtha ....................................... 30,468
JP-4 Turbine Fuel ............................. 499,180
Residuum ...................................... 10,770
Sulfur (from Sulfur Recovery Unit) ............ 13,757
Ammon ia ....................................... 8 ,367

Vented: Carbon Dioxide from Hydrogen Plant ............ 175,552

Total Output ............................................... 866,625

Streams outside Boundary Limits defined above: Y

Additional Refinery Input:

Natural Gas to the Flue Gas Desulfurization Unit ....... 823

Additional Refinery Byproducts:

From the Flue Gas Desulfurization Unit

S u lfu r ........................................ 64 1

Sod ium Sulfate ................................ 272

-26-
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Table 6

REFINERY HYDROGEN BALANCE

Basis: JP-4 Turbine Fuel Production

MAKE-UP HYDROGEN PURIFIED HYDROGEN
(95% hydrogen) (99% Hydrogen)

from from
Hydrogen Plant H2 Purification Unit

HYDROGEN USERS lb/hour MMSCFD lb/hour MMSCFD

Hydrovisbreaker 11,960 40.08 8,785 37.11

Naphtha Hydrotreater 2,677 8.97 - -

Distillate Hydrotreater 16,398 54.96 9,450 39.92

Distillate Hydrocracker 17,301 57.99--

Totals 48,336 162.00 18,235 77.03

HYDROGEN SUPPLIERS

(Steam RefoarmiVng)

From Dry Gas 42,085 141.1--

From Butane 6,251 21.0--

Hydrogen Purification
(Pressure Swing Adsorption)

From Recovered High-Pressure
Purge Cases from the Hydro- C
Visbreaker and Distillate
Hydrotreater Units -- 18,235 77.03

Totals 48,336 162.0 18,235 77.03
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Table 7

REFINERY FUEL BALANCE

Basis: JP-4 Turbine Fuel Production

Fired Residuum
Duty Fuel

RESIDUUM FUEL REQUIREMENTS MMBTU/HR FOEB/DAY

MAIN REFINERY BOILER 244.0 976

PROCESS HEATERS

Crude Unit

H-1 Flash Tower Feed Heater 115.4 462
H-2 Vacuum Tower Feed Heater 53.7 215

Hydrovisbreaker
%

H-1 Recycle Gas Heater 110.1 440
H-2 Atmospheric Tower Feed Heater 101.1 404
H-3 Vacuum Tower Feed Heater 60.7 243

Naphtha Hydrotreater

H-1 Feed Splitter Reboiler 40.23 161
H-2 Recycle Gas Heater 28.34 113

? H-3 Stripper Reboiler 14.23 57

Distillate Hydrotreater

H-1 Recycle Gas Heater 48.55 194
H-2 Feed Heater 19.35 77

Distillate Hydrocracker

H-1 Recycle Gas Heate.- 15.44 62
H-2 Main Fractionator Reboiler 182.87 732

TOTAL RESIDUUM FUEL REQUIREMENT 1034.0 4136

TOTAL RESIDUUM AVAILABLE 4839
REMAINING RESIDUUM NET PRODUCT 703

Fired Fuel
Duty Consumed

BUTANE A NAPHTHA FEL REQUIREMENTS MMBTU/HR BBL/DAY 0 60-F

HYDROGEN PLANT REFORMER FURNACE

Butane Product used as Fuel 917.5 5,743
Naphtha Product used as Fuel 371.5 2,111
Total Fired Duty 1289.0

dfI



Table 8

REFINERY THERMAL EFFICIENCY

Basis: JP-4 Turbine Fuel Production

DEFINITION

Heat of Combustion Energy
Thermal of Hydrocarbon Products + Outputs x 100%
Efficiency

Heat of Combustion Energy
of Hydrocarbon Feeds + Inputs

S.%

THERMAL VALUE
BTU/HR

FEEDS: Crude Oil 13,352,000,000

Natural Gas 38,800,000

ENERGY INPUT: Electrical Power 181,890,000

TOTAL INPUT: 13,572,690,000

PRODUCTS: Naphtha to Sales 765,930,000

JP-4 Turbine Fuel to Sales 10,238,770,000

Residuum to Sales 190,420,000
p."

TOTAL OUTPUT: 11,195,120,000

REFINERY
" - THERMAL

EFFICIENCY = 100 % x ( 11,195,120,000 / 13,572,690,000 )

= 82.5%

%
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Table 9

REFINERY ELECTRICAL REQUIREMENTS

Basis: JP-4 Turbine Fuel Production i.-

.

Brake Brake

Horsepower Horsepower

Operating Installed

Crude Unit 2,000 3,500
Hydrovisbreaker Unit 5,716 10,132

Naphtha Hydrotreater Unit 2,262 3,525

Distillate Hydrotreater Unit 3,522 6,021

Distillat~e Hydrocracker Unit 6,745 12,290
Gas Plant 395 790

Hydrogen Plant 29,377 35,448

Hydrogen Purification Unit 4,000 4,000

Low Pressure Amine Unit 31 62

Sour Water Stripper/Ammonia Plant 1,314 2,628
Sulfur Recovery Unit 257 514
Flue Gas Desulfurization Unit 2,950 2,950

Boiler House and Water Treating 1,200 2,400

Cooling Water System 7,200 14,400
Crude Oil and Product Transfer 1,600 3,200

Plant Air Compression 2,400 2,400

Waste Water Treating & Misc. 500 1,000

Totals BHP 71,469 105,260

Equivalent Kilowatts 53,294 78,492

MMBTU/HR 181.89 267.89 •

"-.
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Table 10

REFINERY STEAM BALANCE

Basis: JP-4 Turbine Fuel Production

STEAM CONSUMED, lb/hr

450 psig 150 psig 50 psig Total

Crude Unit 20,000 11,000 10,000 41,000
Hydrovisbreaker 19,200 31,460 41,200 91,860
Naphtha Hydrotreater 1,000 5,000 5,000 11,000
Distillate Hydrotreater 25,080 5,000 10,000 40,080
Distillate Hydrocracker 91,500 34,500 - 126,000
Gas Plant 33,294 39,600 14,376 87,270 K
Hydrogen Plant . - - -

Hydrogen Purification - 19,200 - 19,200
Low Pressure Amine Unit 1,310 - 12,500 13,800
Sour Water Strip/Ammonia Plant - 90,000 118,000 208,000
Sulfur Recovery Unit .- - -

Flue Gas Desulfurization - 45,007 - 45,007
Boiler House and Water Treating - - 116,131 116,131

Totals 191,384 280,767 327,207 799,358

STEAM PRODUCED, lb/hr

450 psig 150 psig 50 psig Total

Crude Unit - 36,000 - 36,000
Hydrovisbreaker 32,450 126,025 90,625 249,100
Naphtha Hydrotreater - 18,900 10,000 28,900
Distillate Hydrotreater 44,970 10,600 46,700 102,270
Distillate Hydrocracker 51,000 43,400 - 94,400
Gas Plant - - -
Hydrogen Plant ... ',
Hydrogen Purification
Low Pressure Amine Unit - - ,
Sour Water Strip/Ammonia Plant - - -

Sulfur Recovery Unit 9,000 - 28,900 37,900
Flue Gas Desulfurization - - - -

Boiler House and Water Treating 53,964 45,842 150,982 250,788

Totals 191,384 280,767 327,207 799,358

32F- ~, * 3 - \: % % ~**~.~ .- * - *.* * -. * ~



Table 11

REFINERY BOILER FEED WATER BALANCE S

Basis: JP-4 Turbine Fuel Production

Steam Condensate Recycled as Boiler Feed Water *

Condensate Condensate
Recycled Recycled
from: lb/hr

Crude Unit
Hydrov i sbreaker Unit 31,510
Naphtha Hydrotreater Unit -
Distillate Hydrotreater Unit -
Distillate Hydrocracker Unit 94,500
Gas Plant 77,270
Hydrogen Plant -
Hydrogen Purification Unit 19,200
Low Pressure Amine Unit 13,810
Sour Water Stripper and Ammonia Plant 182,000
Sulfur Recovery Unit -
Flue Gas Desulfurization Unit 45,007 '.,
Boiler House and Water Treating 116131...

Total 579,428

Boiler feed water to produced steam 799,358 lb/hr

Boiler feed water to blowdown loss 79,939 lb/hr

Total boiler feedwater supply required 879,297 lb/hr

Condensate recycled as boiler feed water 579,428 lb/hr

Makeup boiler feedwater required 299,869 lb/hr

J3...

-33-7



I

Table 12
REFINERY COOLING WATER REQUIREMENTS

Basis: JP-4 Turbine Fuel Production

Cooling .

Water

gal/min

Crude Unit 3,000

Hydrov sbreaker Unit 11,228

Naphtha Hydrotreater Unit (air-cooled) -

Distillate Hydrotreater Unit 2,973

Distillate Hydrocracker Unit 12,650

Gas Plant 7,460

Hydrogen Plant 49,232

Hydrogen Purification Unit 3,821

Low Pressure Amine Unit 480

Sour Water Stripper and Ammonia Plant 1,720

Sulfur Recovery Unit 3,390

Flue Gas Desulfurization Unit 2,403

Total 98,357 5/

P.
.o
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Table 13 S

REFINERY OPERATING REQUIREMENTS

CATALYST AND CHEMICALS

COKE-SUPPRESSING ADDITIVE FOR HYDROVISBREAKER

Trade name: 8% Molybdenum Octoate
Chemical name: Molybdenum 2-ethyl hexoate
Chemical family: Metal carboxylate
Molecular formula: Mo(C8H1 502)2
Normal physical state: Liquid

Design dosage:

Based on pilot plant experiments which used an additive concentration of
1.63 wt% of Hydrovisbreaker fresh feed (i.e. Crude Unit vacuum residuum). 1.

This is equivalent to 367 wt. ppm molybdenum in the total reactor liquid
feed (including combined fresh feed, recycled naphtha and additive).
Elemental molybdenum is 8 wt% of the additive before dilution in recycled
naphtha.

Consumption:

2690 lb/hr of 8% Molybdenum Octoate (undiluted)
21,207,960 lb/yr for 90% on-stream operation. 0

Cost:

Manufacturer's estimate, if additive were produced on a large scale, is
$2/lb. Total annual cost is S42,415,920. *1.

. .
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Table 13

REFINERY OPERATING REQUIREMENTS

CATALYST AND CHEMICALS
(continued) p

"-

HYDROPROCESSING CATALYSTS

Naphtha Hydrotreating Unit

Design basis: Ketjen KF-840 hydrotreating catalyst (Nickel-Moly on
alumina). Single reactor with 1272 cu.ft. volume, operated at 2.5 liquid
hourly space velocity. Initial fill is 59,784 lb. costing $209,244.

Expect 24 month run-life and 5-year total use with in-situ regeneration
after second and fourth year. Replace after fifth year of use. Each
regeneration would cost $89,676.

Distillate Hydrotreating Unit .

Design basis: Ketjen KF-840 hydrotreating catalyst (Nickel-Moly on

alumina). Three identical reactors with a combined volume of 14,844
cu.ft. operated in series with overall 0.49 liquid hourly space velocity.
Initial total fill is 679,668 lb. costing $2,378,838.

Expect 24-month run-life and 4-year total use with in-situ regeneration
once after second year. Replace after fourth year. Each regeneration
would cost S1,019,502. -

Distillate Hydrocracking Unit

Design basis: a high-activity hydrocracking catalyst (Nickel-Moly on
zeolite). Single reactor with 2477 cu.ft. volume operated at a 2.5
liquid hourly space velocity. Initial fill is 116,420 lb. costing
$I,629 ,880.

Expect 24 month run-life and 4-year total use with ex-situ regeneration
after second years of use. Replace after fourth. Each regeneration would
cost $465,680.

3.

- 36 -



%'

Table 13 %'

REFINERY OPERATING REQUIREMENTS

CATALYST AND CHEMICALS .%
(continued)

HYDROGEN PLANT REQUIREMENTS L

Consumption estimated from Stanford Research Institute data.

Annual Annual
consumption Cost
cu.ft./year S/year

Hydrodesulfurization catalyst 449 47,052
Zinc oxide 1,373 128,111
Reformer catalyst 634 73,838
High-temperature shift catalyst 1,848 107,613
Low-temperature shift catalyst 2,112 368,959
Methanation catalyst 243 28,417

Ib/year Slyear

Potassium carbonate 369,600 77,565
98% Hydrosulfuric acid 1,845,360 64,521
50% Sodium Hydroxide 546,480 51,011

HYDROGEN PURIFICATION UNIT

Cost of molecular sieves is non-recurring and included in capital cost.

SULFUR RECOVERY UNIT
-'f$/year

Claus catalyst (per vendor estimate) 32,430

FLUE GAS DESULFURIZATION UNIT

Estimated from Stanford Research Institute data. $/year

Soda ash 871 tons/year 99,679
Catalyst 23,319

37 -
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Table 14

REFINERY OPERATING REQUIREMENTS

FEEDSTOCK, UTILITIES, AND LABOR

FEEDSTOCKS

Crude oil 50,000 barrels per operating day at $20 per barrel,
S328,500,000 per year for 90% on-stream operations

Natural gas Used as reducing gas for Claus Units at the Sulfur
Recovery Unit and the Flue Gas Desulfurization Unit.

38.8 MMBTU/hour at $20 per FOE Barrel (6 MMBTU),
S1,019,664 per year for 90% on-stream operations

UTILITIES

Cooling Water 98,357 gal/min at S.07/1000 gal
$3,256,876 per year for 90% on-stream operations

Boiler Feed Water 880,000 lb/hr circulation at S.40/1000 lb
$2,775,000 per year for 90% on-stream operations

Electrical Power 53,294 KW at S.05/KW.HR
$21,008,495 per year for 90% on-stream operations

Steam 450 psig: 191,384 lb/hr produced
150 psig: 280,767 lb/hr produced
50 psig: 327,207 lb/hr produced

The cost of steam is essentially the cost of boiler feedwater (above), because

no imported fuel is used to produce steam. Nearly 69% of all the steam is
made using recovered heat, and only 31% is made at the main refinery boiler.
The main boiler is fueled by 976 FOE BBL/DAY of the Residuum product from the

Hydrovisbreaker, whose cost essentially was already included in the cost of

crude oil. Theoretically the 976 FOEB/DAY is equivalent to $19,520 day, or

$6,412,320 per year (90% on-stream) of unrealized resid sales. Realistically,

the resid is difficult to sell.

LABOR AND RELATED EXPENSES

Labor 16 Operator positions per shift: S 2,470,000 per year

8 Helper positions each shift: 1,080,000 per year

Total labor: 3,550,000 per year

Supervision 0 25 % of labor: 890,000 per year

Overhead 0 100 % of labor: 3,550,000 per year

Total: $ 7,990,000 per year

VrIN
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Table 15

ROYALTY PAYMENTS "U

SOUR WATER STRIPPER AND AMMONIA RECOVERY PLANT

Licensor: Chevron

Process: Chevron WWT Process

% '

Fixed Royalty: $400,000 paid over 2 years

Running Royalty: S 87,500 per year, based on projected recovery of

hydrogen sulfide and ammonia. This will vary with actual

recovery rates.

SULFUR RECOVERY UNIT

A royalty is required for the BSR/MDEA Tail Gas Unit, which follows the twin

Claus sulfur recovery units. There is no royalty on the Claus units.

Licensor: Ralph M. Parsons Company

Process: BSR/MDEA Tail Gas Unit

* Total royalty: $172,000 (based on 165 tons/day sulfur production)

25% payable upon signing the licensing agreement

25% payable upon the start of construction

25% payable upon completion of mechanical construction

25% payable after performance guarantee is met

-39- 1
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V. PROCESS DESIGN SPECIFICATIONS AND
PROCESS FLOW DIAGRAMS A

PROCESS DESIGN SPECIFICATIONS

for the ,

CRUDE DISTILLATION UNIT
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I T

CRUDE UNIT DESIGN BASIS

Crudes and Rates

The unit is designed to process 50,000 BPSD of 12.7 °API San Ardo ,

Ca ,fornia crude. This unit will be capable of maintaining a 95% on stream

factor.

Plant Processing Steps

I.?

The crude is first mixed with 16,000 BPSD of recycled distillate and is

desalted under pressure at 300°F in the presence of 6 volume percent water .'

containing a demulsifying chemical. This water extraction step is necessary

to remove compounds such as sodium chloride which would cause system corrosion

and pluggage. The naphtha recycle is necessary to reduce viscosity for

effective desalting. .-

For maximizing thermal efficiency the desalted crude is heated to 480°F

by heat exchange against distillation products. The crude is then heated to

570°F and the pressure reduced in a low pressure chamber (flash tower). A

fired heater is required to raise the temperature from 4800 to 570°F. Light

naphtha is vaporized off the flash tower, cooled and liquified to produce the

16,000 BPSD of naphtha recycle required for desalting.

The flashed crude temperature is then further heated to 630°F with fired *

heat. The heater effluent is fed to a vacuum tower to vaporize an overhead

distillate product having a nominal boiling range of 160-650°F. This overhead

is fed to the feed splitter tower at the Naphtha Hydrotreater Unit.

'p.
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Distillation Products

A small amount of net naphtha product is recovered from the flash tower

vapor& and is mixed with the light distillate overhead product from the vacuum P

tower. The crude oil residuum boiling above 6500 F is recovered as feedstock

for the hydrovisbreaker unit.

Volume% Nominal Gravity

Product BPSD of Crude Boiling range *API

Flashed Naphtha to recycle 16,008 32.0% 160-650 OF 32.8

Flashed Naphtha to Product 2,560 5.1% 160-650 32.8

Vac. Twr. Distillate Prod. 8,074 16.1% 160-650 32.8

Total Distillate Products 10,634 21.3% 160-650 32.8

Vac. Twr. Btms. Product 39,366 78.7% 650-1250+ 9.1

'5
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CRUDE DISTILLATION UNIT

Utilities and Chemical Requirements

Saturated Steam Produced, lb/hr

Steam Generators: 450 psig 150 psig 50 psig Total

H-1 - 24,160 - 24,160

V-6 at Heater H-2 11,370 11,370

Totals 35,530 - 35,530

Steam Used, lb/hr
Condensate

450 psig 150 psig 50 psig Recovered

Heater HI 13,650 - -

Heater H2 6,350 - -

Vacuum jet system 11,000 -

Miscellaneous - - 10,000

Totals 20,000 11,000 10,000

Net Steam Export -20,000 24,530 -10,000

Boiler Feed Water, lb/hr

Steam production
(rounded) 36,000

For 10% blowdown 3,600

Total BFW needed 39,600

Condensate recovered
Net BFW make-up 39,600 =79 GPM

Cooling Water Circulated

Exchanger Rate sup Return Duty

E-7 510 85 105 5.1 MMBTU/hr

E-8 700 85 105 7.0
E-9 Vacuum

System 1733 85 100 13.0

Total 2943 25.1 MMBTU/hr

Make-up, at 3% circulation rate 88 CPM
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CRUDE DISTILLATION UNIT

Utilities and Chemical Requirements
(continued)

Heater Fuel Fired (Hydrovisbreaker vacuum residuum)

Heater H-1 115.44 MMBTU/HR
Heater H-2 53.7

169.1 MMBTU/HR = 28.1 BBL/hr
= 9,840 lb/hr Residuum Fuel

Electrical Power
Brake Brake
Horsepower Horsepower

Pumps: Operating Connected

P-1,1A Crude feed 700 1,400
P-2,2A Diluent recycle 50 100
P-3,3A Vacuum Tower feed 325 650 e
P-4,4A Circulating reflux 125 250
P-5,SA Reduced crude 200 200
P-6,6A Vacuum tower overhead 6 8
P-7,7A Wash water booster 20 40
P-8,8A Desalter wash water 60 120
P-9,9A Boiler feed water 20 40
P-1,10A Desalting chemical 1 2

Other:

V-2A,B Desalters 350 350

Total Brake Horsepower 1855 BHP 3360 BHP

Kilowatts (220 A 440V) 1383 KW 2505 KW

Air Requirements

Instrument air 50 psig 100 SCFM
Plant air 120 psig

Chemicals

Demulsifier for desalters 33 gal/day

I
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CRUDE DISTILLATION UNIT

List of Major Equipment

Heat Exchangers

E-1 Circulating reflux - Desalter feed exchanger
E-2 Flash tower overhead - Desalter feed exchanger
E-3 Flash tower preheater - No. 1
E-4 Flash tower preheater - No. 2
E-5 Flash tower preheater - No. 3
E-6 Flash tower preheater - No. 4
E-7 Circulating reflux trim cooler
E-8 Naphtha product cooler
E-9 Vacuum tower overhead condenser
E-IO Desalter water feed - effluent exchanger
E-ii Desalter effluent water cooler
E-12 Vacuum tower after-condenser
E-13 Recycle air cooler

Fired Heaters

H-1 Flash tower feed heater
H-2 Vacuum tower feed heater

Pumps

P-1,1A Crude feed pumps
P-2,2A Recycle pumps
P-3,3A Vacuum tower feed pumps
P-4,4A Circulating reflux pumps ,
P-5,5A Reduced crude pumps
P-6,6A Vacuum tower overhead naphtha product pumps
P-7,7A Desalter wash water booster pumps
P-8,8A Desalter wash water feed pumps
P-9,9A Boiler feed water pumps
P-IOIOA Desalting chemical pumps

Distillation towers

T-1 Vacuum distillation tower

Vessels

V-1 Recycle surge drum
V-2A Desalter No. 1
V-2B Desalter No. 2
V-3 Flash'tower
V-4 Vacuum tower overhead receiver
V-5 Crude feed surge drum
V-6 Steam drum

ft
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CRUDE DISTILLATION UNIT

San Ardo Crude Oil Assay Data

Whole Crude Properties 1984 Analyses 1985 Analyses

Gravity, °API 12.8 12.68
Sp.Gr. 0 60°F 0.9806 0.9814
Density, g/cc 0.9523
Kinematic Visc. 0 77*F 12,698.2 -

0 100°F 3,293.6 3,935.55
0 210°F - 77.37

Pour Point, OF 35 -
Flash Point, OF 194 -
Carbon, Wt% 81.62 -
Hydrogen, Wt% 10.51 -
Oxygen, Wt% 1.82 -
Sulfur, Wt% 1.89 1.9
Nitrogen, Basic, ppm 2,287 (.2287 wt%) 3009

Total, ppm 13,200 10,544
Metals, ppm Fe 42 59

Ni 78 70 p
Cu 0.9 <0.1
V 96 68

Ash, Wt% 0.12 -
Ramscarbon, Wt% 8.68 -
Salt content, lb/1000 BBL 34 6.27 %
BS&W, Vol% 0.34

True Boiling Point Fractions:

Spec. Gray. 60/60°F Kinematic Viscosity, cSt Sulfur

Hydrometer Densitometer 100OF 160OF 210OF Wt%

IBP-400OF 0.8272 0.8224 1.18 0.80 - 0.328
400-475 0.8655 0.8617 1.94 - 0.76 0.446
475-550 0.8874 0.8877 3.33 - 2.08 0.822
550-650 0.9124 0.9105 8.49 - 2.10 1.119
650-725 0.9377 0.9372 40.15 - 4.61 1.365
725-800 0.9486 0.9479 88.02 - 6.73 1.376 0
800-900 0.9673 0.9674 829.40 - 18.81 1.372 7

900-932 0.9716 0.9761 189.61 - 1.504
932+ 1.0329 -...- '-

Whole Crude 0.9806 0.9814 3935.55 - 77.37 1.9

I
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CRUDE DISTILLATION UNIT

San Ardo Crude Oil Assay Data
(continued)

True Boiling Point Distillation

Accumulated
Volume %
Distilled Temperature

0 179
2 335
5 445
7 465

10 504
15 560
20 612
25 655

30 708
35 752
40 795
45 840

50 883
55 925
60 968
65 1010

70 1050
75 1088
80 1126
85 1165

90 1205
95 1300
100 1300+

4,,"
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HYDROVISBREAKER DESIGN BASIS ij
Unit Feed Rate D

The unit is designed to hydroprocess 39,366 BPSD of San Ardo reduced ii
crude boiling above a true-boiling-point 5% point of 650°F. The unit will

convert 71 vol% of the feed boiling above 975°F to lighter hydrocarbons. It

is anticipated that a 90% on-stream factor can be maintained.

Plant Processing Steps

The 650*F crude unit bottoms at a temperature of 450 to 480°F is mixed

with an additive that reduces coke formation in the reactor system. This

mixed stream is preheated by heat exchange with the reactor effluent and

charged to the reactor system. Three reactors in series with internal

circulation are used.

The reactor system operates at 2500 psig and 850°F and a one liquid

hourly space velocity. External circulating pumps are used with block valving

for maintenance access. Preheated circulating hydrogen is injected into the

first reactor at 750°F. A total of 5700 SCF of 85 hydrogen is circulated per Nle

barrel of reactor feed.

The effluent mix of hydrogen gas and liquid product from the reactors is I

cooled to 600°F by heat exchange and separated. The hydrogen gas is further

cooled to 100°F, separated, compressed, and recirculated along with make-up
hydrogen.

Fresh hydrogen makeup gas is obtained from two sources. The hydrogen

plant supplies hydrogen of 95% purity. This source alone is insufficient to

maintain the desired hydrogen purity and partial pressure in the reactor gas

-61-
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feed, so a hydrogen purification unit is used to recover hydrogen at 99%

purity from the high pressure bleed gas of the Hydrovisbreaker and Distillate

Hydrotreater Units.

The hydrocarbon liquids separated in the 600*F and 100F separators (hot

and cold high-pressure separators, V-1 and V-3) are reduced in pressure and

vented in V-2 and V-4 prior to reheating for fractionation. A naphtha cut,

light and heavy distillate cuts and resid fuel cuts are recovered in the

fractionation. This requires an atmospheric and vacuum tower.
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HYDROVISBREAKING UNIT
Utility and Chemical Requirements

Steam Balance

Steam Production, lb/hr 450 psig 150 psiq 50 psig Totals

Steam generators:
E-3 32,450 - - 32,450
E-4 - 66,570 - 66,570
E-5 - - 25,100 25,100
E-8A - 8,035 8,035
E-12A - - 18,840 18,840
E-14 - - 38,650 38,650

V-10 at Heater H-1 - 24,040 - 24,040 '

V-11 at Heater H-2 - 22,170 - 22,170
V-12 at Heater H-3 - 13,245- 13245

Totals 32,450 126,025 90,625 249,100

Recovered
Steam consumed, lb/hr 450 psig 150 psig 50 psig Condensate

E-11 Reboiler - - 31,200 31,200
E-11A Reclaimer - 310 - 310
T-3 stripping - 11,150 - -

T-4 stripping - 10,000 - -

H-1 heater 1,300 -

H-2 heater 9,200 - - -

H-3 heater 8,700 - - -

Vacuum Jet Motive Steam - 10,000 - -.-

Miscellaneous - 10,000

Totals 19,200 31,460 41,200 31,510

Net steam export, lb/hr 13,000 94,000 49,000

Boiler Feed Water Required ,)

Steam production (rounded) 250,000 lb/hr
10% condensate loss to blowdown 25,000

Total gross BFW needed 275,000 lb/hr
Total condensate recovered for

use as BFW - 31,50

Net Boiler Feed Water
make-up required 243,500 lb/hr = 487 GPM f

6,3
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HYDROVISBREAKING UNIT
Utilitj and Chemical Requirements

(continued)

Fuel fired (Hydrovisbreaker Vacuum Residuum)

H-1 heater 110.1 MMBTU/HR
H-2 heater 101.1
H-3 heater 60.7

Total 271.9 MMBTU/HR = 45.2 FOE Bbl/hr
= 15,822 f/hr Resid fuel

Air Requirements

Instrument Air 50 psig 300 SCFM

Plant Air 120 psig

Cooling Water Circulation GPM Supply Return MMBTU/HR

E-7 cooler 2480 85°F 110*F 31.00
E-8B 510 85 110 6.37
E-10 Amine condenser 85
E-1OA Amine cooler 85
E-12B Condenser 3738 85 110 46.73
Vac. Jet System 4500 85 100 33.75

Totals 11,228 85 106 117.85

Assume 3% make-up 337

Coke-suppressing Additive

i 8% Molybdenum Octoate dissolved in Naphtha to establish 367 wppm Molybdenum
in the Total Reactor Liquid Feed.

8% Molybdenum Octoate 2,690 lb/hr

(Molybdenum 2-ethyl hexoate)

Naphtha 6,724 lb/hr

Total additive mixture 9,414 lb/hr

64
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HYDROVISBREAKING UNIT
Utility and Chemical Requirements

(conti nued)

Electical Power Requirement

Operating Connected
Equipment Horsepower Horsepower

Pumps:

P-1,1A Reactor Feed 3800 7600
P-2,2A Additive Feed 5 10
P-3,3A Reactor R-1 Circulation 100 200
P-4,4A Reactor R-2 Circulation 100 200
P-5,5A Reactor R-2 Circulation 100 200 X_
P-6,6A Atmospheric Tower Pumparound 25 50
P-7,7A Lean Amine 1100 2200
P-8,8A Amine Reflux 4 8
P-9,9A Atmospheric Tower Reflux

& Product 40 80
P-10,1OA Atmospheric Tower Bottoms 75 150
P-11,11A Atmospheric Tower Gas Oil Sidedraw 15 30
P-12,12A Vacuum Tower Gas Oil Sidedraw 50 100
P-13,13A Vacuum Tower Pumparound 60 120
P-14,14A Vacuum Tower Residuum 35 70
P-15,15A Vacuum Tower Sour Water 3 6
P-16,16A Vacuum Tower Bottoms Residuum 8 16

Compressors:

K-1 Recycle Gas 1500 1500
K-2 Atmospheric Tower Off-Gas 50 100

TOTALS 7020 BHP 12,540 BHP

KILOWATTS (.7457 x HORSEPOWER) 5235 KW 9,351 KW

65
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4HYDROVISBREAKING UNIT

Major Equipment List

Heat Exchangers

E-1 Reactor Feed - Effluent Exchanger
E-2 Reactor Effluent - Recycle Gas Exchanger
E-3 Reactor Effluent - 450 psig Steam Generator
E-4 Hot Separator Vapor - 150 psig Steam Generator
E-5 Hot Separator Vapor - 50 psig Steam Generator
E-6 Hot Separator Vapor - Recycle Gas Exchanger
E-7 Hot Separator Vapor Cooler
E-8A Hot Low-Pressure Separator Gas - Steam Generator
E-88 Hot Low-Pressure Separator Gas Cooler
E-9 Rich Amine - Lean Amine Exchanger
E-10 Amine Stripper Overhead Condenser
E-1OA Lean Amine Cooler
E-11 Amine Stripper Reboiler
E-11A Amine Reclaimer
E-12A Atmospheric Tower Overhead - 50 psig Steam Generator
E-12B Atmospheric Tower Overhead Condenser
E-13 Atmospheric Tower Feed - Pumparound Exchanger
E-14 Vacuum Tower Pumparound - 50 psig Steam Generator
E-15 Vacuum Tower Pumparound - Boiler Feed Water Exchanger
E-16 Vacuum Tower Bottoms Aircooler

Fired Heaters:

H-i Recycle Gas Heater
H-2 Atmospheric Tower Feed Heater
H-3 Vacuum Tower Feed Heater

Towers. Tanks, and Reactors:

T-1 Amine Absorber
T-2 Amine Stripper (Regenerator)
T-3 Atmospheric Tower
T-4 Vacuum Tower

TK-i Hydrovisbreaker Feed Tank
TK-2,2A Coke-Suppressing Additive Feed Tanks

R-1,2,3 Hydrovisbreaker Reactors

Vacuum Jet System -Consisting of Vacuum Jets, Condensers, and Knockout Drum

, 66-
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HYDROVISBREAKING UNIT

MaA'or Equipment List
(cont inued)

Vessels:

V-1 Hot High-Pressure Separator
V-2 Hot Low -Pressure Separator
V-3 Cold High-Pressure Separator
V-4 Cold Low -Pressure Separator
V-5 Recycle Compressor Knockout Drum
V-6 Amine Stripper Overhead Accumulator
V-7 Amine Flash Drum
V-8 Atmospheric Tower Overhead Accumulator
V-9 Steam Drum at H-1 Recycle Gas Heater
V-10 Steam Drum at H-2 Atmospheric Tower Feed Heater
V-11 Steam Drum at H-3 Vacuum Tower Feed HeaterV-12 Lean Amine Surge Drum

~~Compressors and Pumps:'; .

K-1 Recycle Gas Compressor
K-2 Atmospheric Tower Off-Gas CompressorP-I,IA Reactor Feedi !

P-2,2A Coke-Suppressing Additive Feed
P-3,3A Reactor R-1 Circulation
P-4,4A Reactor R-2 Circulation
P-5,5A Reactor R-3 Circulation
P-6,6A Atmospheric Tower Pumparound
P-7,7A Lean Amine
P-8,8A Amine Stripper Reflux
P-9,gA Atmospheric Tower Overhead Reflux and Product
P-10,1OA Atmospheric Tower Bottoms (Vacuum Tower Feed)
P-11,11A Atmospheric Tower Sidestream Gas Oil
P-12,12A Vacuum Tower Sidestream Gas Oil

P-13,13A Vacuum Tower Pumparound
P-14,14A Vacuum Tower Bottoms (Refinery Vacuum Residuum Product)
P-15,15A Vacuum Overhead Accumulator Sour Water
P-16,16A Vacuum Tower Overhead Gas Oil Product

:%
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NAPHTHA HYDROTREATINO UNIT DESIGN BASIS

Naphtha Feed Rate

The unit is designed to hydrotreat 16,327 BPSD of 47.3*API San Ardo

naphtha with an ASTM end-point of 490F. The sulfur and nitrogen

concentrations in the feed are 3820 and 70 wppm, respectively. Both the

sulfur and nitrogen content of the hydrotreated product will be less than 10

ppm. The feed naphtha is a blend of 4451 BPSD of crude unit naphtha and

11,875 BPSD of hydrovisbreaker naphtha. The unit will be capable of

maintaining a 94% on-stream factor.

Plant Processing Steps
1%

The naphtha from the crude unit is fractionated in the Naphtha

Hydrotreater feed splitter tower to obtain an overhead naphtha with a 490*F

end-point. The feed splitter bottoms (490-650*F cut) is fed to the Distillate

Hydrotreater. The overhead naphtha is combined with the 490F end-point

naphtha from the Hydrovisbreaker to form the total liquid feed to the Naphtha

Hydrotreater. It is heated by exchange with the Naphtha Hydrotreater Reactor

effluent to 690F and then fed to the top of the reactor.

Recirculated hydrogen plus make-up hydrogen heated to 650-700*F by heat

exchange and fired heat is also fed to the top of the reactor. The reactor

operates at 650 to 750*F and 1565 psig over its operating cycle of about two

years.

The reactor effluent is cooled and water-washed to prevent fouling and

corrosion of the effluent aircooler. The unreacted hydrogen is separated and

recycled to the reactor.

The hydrotreated naphtha product is stripped (debutanized) at the unit,

and this permits it to be stored at atmospheric pressure in intermediate

tankage, if needed. Thus a short emergency outage of the refinery Gas Plant
a.

4 '
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fractionation will not force a shutdown of the Naphtha Hydrotreater. 
The

hydrotreated naphtha can bypass the Absorber-Stripper 
and Debutanizer Towers

Distillate Hydrocracker 
Unit.
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NAPHTHA HYDROTREATER UNIT

Utilities and Chemical Requirements

Saturated Steam Produced, lb/hr

Steam Generators: 450 psig 150 psig 50 psig Total

V-7 AT Heater H-1 - 8,750 - 8,750
V-8 at Heater H-2 - 6,200 - 6,200
V-9 at Heater H-3 - 4,050 - 4,040
E-5 -- 10,000 ____

Totals - 19,000 10,000 29,000

Steam Used, lb/hr
Condensate

450 psig 150 psig 50 psig Total Recovered

Heaters H1,H2,H3 1,000 - - 1,000 -

Misc. heating - 5,000 5,000 10,000 -

Total used 1,000 5,000 5,000 11,000 -

Net export stream -1,000 14,000 5,000 18,000

Boiler Feed Water

*For steam produced 29,OO0lb/hr
For 10% blowdown & wash water 9,000

Total gross BFW needed 38,000 lb/hr

Condensate recovered (reused as BFW) -
Net BFW needed 38,000 lb/hr=76 gpm

Cooling Water Circulated Supply Return Duty

None required

Heater Fuel Fired

Fuel: Vacuum Residuum Product from the Hydrovisbreaker Unit.

Heater H-1 402 MMBTU/Hr
Heater H-2 28.3
Heater H-3 18.8

Total 87.3 MMBTU/Hr=14.5 FOE Bbl/Hr
=5,080 lb/hr residuum fuel

-83 -
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NAPHTHA HYDROTREATER UNIT

Utilities and Chemical Requirements
(continued)

5
Electrical Power

Brake Brake
Horsepower Horsepower
Operating Connected

P-1,iA Naphtha splitter feed pumps 30 60
P-2,2A Splitter bottoms pumps 30 60
P-3,3A Splitter reboiler pumps 70 140
P-4,4A Splitter reflux pumps 20 40
P-5,5A Reactor feed pumps 700 1,400 I
P-6,6A Product stripper feed pumps 75 150
P-7,7A Stripper reboiler pumps 75 150
P-8,8A Stripper reflux pumps 10 20
E-2,E-6, %
E-8 Fans 260 260
K-1 Recycle Gas Compressor 800 800

Total Brake Horsepower: 2,070 3,080 BHP

Kilowatts: 1,543 KW 2,297 KW
-'

.'<

Air Requirements

Dry Instrument Air 50 psig 150 SCFM

Plant Air 120 psig

Hydrotreating Catalyst

See table of Refinery Operating Requirements, Catalyst and Chemicals in the
overall refinery description.

Type: Nickel-moybdenum-on-Ilumina
Initial fill: 59,784 lb at 47 lb/ft
Life: 4 years total, includes one regeneration P

?.1
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NAPHTHA HYDROTREATER UNIT

Major Equipment List

Heat Exchangers
E-1 Feed Splitter Tower Feed - Bottoms Exchanger
E-2 Feed Splitter Overhead Condenser (aircooler)
E-3 Reactor Effluent - Reactor Naphtha Feed Exchanger
E-4 Reactor Effluent - Reactor Gas Feed Exchanger
E-s Reactor Effluent - 50 psig Steam Generator
E-6 Reactor Effluent Cooler (aircooler)
E-7 Stripper Feed - Bottoms Exchanger

*, Fired Heaters
H-1 Feed Splitter Reboiler
H-2 Recycle Gas Heater
H-3 Stripper Reboiler

Towers
T-1 Feed Splitter
T-2 Product Stripper (product debutanization)

Reactor
R-i Naphtha Hydrotreater Reactor

Compressor
K-1 Recycle Compressor

Pumps
P-i,IA Straight-run Naphtha Feed
P-2,2A Feed Splitter Bottoms
P-3,3A Feed Splitter Reboiler
P-4,4A Feed Splitter Reflux
P-S,5A Reactor Feed
P-6,6A Product Stripper Feed
P-7,7A Product Stripper Reboiler
P-8,8A Product Stripper Reflux

Vessels
V-1 Naphtha Hydrotreater Feed Drum (for straight-run naphtha)
V-2 Feed Splitter Overhead Accumulator Drum
V-3 Recycle Compressor Knockout Drum
V-4 High Pressure Separator
V-5 Low Pressure Separator
V-6 Stripper Overhead Accumulator Drum
V-7 Steam Drum for H-i Heater
V-8 Steam Drum for H-2 Heater
V-9 Steam Drum for H-3 Heater

I.-,tamDu o H3Hae
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4. PROCESS DESIGN SPECIFICATIONS

-. for the

U'DISTILLATE HYDROTREATING UNIT "
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DISTILLATE HYDROTREATER DESIGN BASIS

Distillate Feed Rate

The unit is designed to hydrotreat 30,652 BPSD of 18.7 °API San Ardo

distillate with an ASTM end-point of 1000°F. The sulfur and nitrogen content

of the feed is 0.85 and 0.79 weight percent. The sulfur and nitrogen content

of the hydrotreated product will be less than 10 ppm. The feed distillate is

a blend of 6,276 BPSD of crude unit light distillate and 24,376 BPSD of

Hydrovisbreaker distillate. The unit will be capable of maintaining a 94% on-

stream factor.

Plant Processing Steps

All the straight-run naphtha and atmospheric gas oil from the crude unit

bo'ling up to 650°F is fractionated for a 490F cut point at the Naphtha

Hydrotreater Feed Splitter. The 490-650OF bottoms product from the splitter

is combined with all the 490-1000F gas oil from the Hydrovisbreaker Unit to

form the feedstock for the Distillate Hydrotreater.

The total distillate hydrotreater feed is heated by heat exchange with

the reactor effluent followed by fired heating. This is fed to the top of the

reactor at 700*F.

Recirculated hydrogen plus makeup hydrogen heated to 650 to 700'F by heat

exchange and fired heat is also fed to the top of the reactor. A portion of

the recirculated hydrogen is upgraded by a hydrogen purification unit from 92

to 99% hydrogen to remove excess methane from the system.

The reactor operates at 650 to 750OF and 2550 psig maximum over its

operating cycle of about two years.

The reactor product is cooled and water washed to prevent fouling and

corrosion of the final coolers. The unreacted hydrogen is separated and

recycled to the reactor.

Y Ir 
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The distillate product is debutanized at the unit which permits the use

of intermediate atmospheric pressure storage prior to the final recovery of

the JP-4 and JP-8 by fractionation. Thus a short emergency outage of final

fractionation will not force a shutdown of the Distillate Hydrotreater. Also

the distillate can bypass the Gas Plant Debutanizer and can enter directly

4into the Main Fractionator at the Distillate Hydrocracker Unit.
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DISTILLATE HYDROTREATER UNIT

Utilities and Chemical Requirements

Saturated Steam Produced, lb/hr

Steam Generators: 450 psiq 150 psiq 50 psig Total

E-2 44,970 - - 44,970
E-4 - - 46,700 46,700

V-6 at Heater H-1 - 10,600 - 10,600
V-7 at Heater H-2 - 4,240 - 4,240

Totals 44,970 14,840 46,700 106,510

Steam Used, lb/hr
Condensate

450 psig 150 psig 50 psig Total Recovered

Heaters H1 A H2 8,800 - - 8,800 -

Stripper tower 5,000 - - 5,000 -
E-10 preheater 13,080 - - 13,080 13,080
Misc. heating - 5,000 10,000 15,000 -

Total used: 26,880 5,000 10,000 41,880 13,080

Net export steam: 18,090 9,840 36,700 64,630

Boiler Feed Water

For steam produced 106,510 lb/hr
For 10% blowdown A wash water 10,651

Total gross BFW needed 117,161 lb/hr

Condensate recovered (reused as BFW) -13000

Net BFW needed 104,161 lb/hr=208 gpm

Cooling Water Circulated Supply Return Duty

E-7 2500 GPM 85°F 105°F 19.0 MMBTU/HR
- E-8 473 85 110 5.92 MMBTU/HR

Total 2973 GPM 24.9MMBTU/HR

Make-up Cooling Water at 3% of total circulation = 90 GPM filtered water to
replace loss to evaporation

-98 -



DISTILLATE HYDROTREATER UNIT

Utilities and Chemical Requirements

H~ycrotreaing Catalyst

See Operating Requirements in overall refinery description section

Ful Vacuum Residuum Product from the Hydrovisbreaker Unit.

Heate H-148.6 MMBTU/HR
Heate H-219.4

Total 68.0 MMBTU/HR = 11.3 FOE BBLS/HR
= 3957 lb/hr Residuum Fuel

Electrical PowerBrkBae

Horsepower Horsepower
Operating Connected

-. P-1,1A Feed Pumps 3000 6000
P-2,2A Stripper Feed 120 240
P-3 3A 3 6
E-6 Fans 80 80

-K-1 Recycle Compressor 1200 1200

Total 4403 BHP 7526 BHP

Kilowatts 3283 KW 5612 KW

Air Requirements

Dry Instrument Air 50 psi9  250 SCFM

Plant Air 120 psi9

4%99



DISTILLATE HYDROTREATING UNIT

List of Major Equipment

Heat Exchangers

E-1 Reactor Feed - Effluent Exchanger
E-2 Reactor Effluent - 450 psig Steam Generator
E-3 Reactor Effluent - Recycle Gas Exchanger No. 2
E-4 Reactor Effluent - 50 psig Steam Generator
E-5 Reactor Effluent - Recycle Gas Exchanger No. 1
E-6 Reactor Effluent Aircooler
E-7 Reactor Effluent Trim Water Cooler
E-8 Stripper Overhead Condenser
E-9 Stripper Feed - Bottoms Exchanger
E-1O Stripper Feed Preheater

Fired Heaters

H-1 Recycle Gas Heater

H-2 Feed Heater

Distillation tower

T-1 Stripper Tower

Reactors

R-1 Distillate Hydrotreater Reactor No. 1
R-2 Distillate Hydrotreater Reacter No. 2
R-3 Distillate Hydrotreater Reactor No. 3

Vessels

V-1 Feed Tank
V-2 High Pressure Separator
V-3 Low Pressure Separator
V-4 Compressor Suction Knockout Drum
V-5 Stripper Overhead Accumulator Drum
V-6 150 psig Steam Drum at Heater H-1
V-7 150 psig Steam Drum at Heater H-2

Pumps

P-1,1A Feed Pumps
P-2,2A Stripper Feed Pumps
P-3,3A Stripper Reflux Pumps

Compressor

K-1 Recycle Gas Compressor

10 -
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PROCESS DESIGN SPECIFICATIONS "'

for the %

DISTILLATE HYDROCRACKING UNIT "
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DISTILLATE HYDROCRACKER DESIGN BASIS

Unit Feed Rate

The unit is designed to process 33,503 BPSD of fresh hydrotreated

distillate from the Distillate Hydrotreater Debutanizer Bottoms. This stream

is fed into the main fractionator where the (490F boiling point feed and

converted hydrocarbons are distilled off to final product.

The fresh feed plus recycle boiling above 490F is routed from the bottom

of the main fractionator to the reactor (26,505 plus 17,679 BPSD). The

nominal 490F cut point is used when producing JP-4; when producing JP-8 the

cut point is 550°F. The above operation is based on 60% conversion per pass

at the hydrocracker reactor.

The sulfur and nitrogen in the feed have been almost completely removed

in the distillate hydrotreater before entering the hydrocracker. 5

Plant Processing Steps

The fresh feed is routed through the main fractionator. The fresh feed S

plus recycle from the main fractionator bottoms is heat exchanged with reactor % W
effluent and fed to the reactor mixed with preheated hydrogen. The mixture

flows down through four beds of hydrocracking catalyst. The effluent is

cooled by heat exhange, steam generation, and water cooling to 110 F.

Hydrogen gas is separated in the high pressure separator, compressed,

preheated and recycled to the reactor along with make-up hydrogen. The

reactor operates at an inlet pressure of 2455 psig and 750°F. A liquid hourly

space rate of 2.5/hour was selected based on pilot plant tests.

.%6%

The liquid from the high pressure separator at 110 F and 2300 psig is

flashed at 150 psig in the low pressure separator. The low pressure separator

liquid is fed to the prefractionator. Prefractionator overhead product plus

low pressure separator vapors are routed to the gas plant for butane recovery.

The prefractionator bottoms is routed to the main fractionator to separate ' :

products from recycle liquid.

- 109 -
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The main fractionator produces a <2750 F cut overhead, a stripped side cut

boiling between 275*F and 490F (or 5500 F for JP-8 production). The bottoms

is reactor fresh feed plus recycle.

On JP-4 operation a downstream dehexanizer is operated to remove pentanes

* and hexanes overhead with the bottoms boiling between 120 0 F and 2750 F blended

*into jet fuel boiling between 120*F and 490*F. The dehexanizer overhead is

routed to naphtha storage for use as hydrogen plant furnace fuel and for sales

for motor fuel blending.

When producing JP-8 which boils between 275°F and 550*F the dehexanizer

is not operated and the main fractionator overhead C5-2750 F cut is used for

fuel at the hydrogen plant and is sold for motor fuel blending. The main

fractionator stripped side cut boiling between 275°F and 550*F is the JP-8

product.

.
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DISTILLATE HYDROCRACKER UNIT

Utilities and Chemical Requirements

Saturated Steam Produced, lb/hr Si
Steam Generators: 450 psig 150 psig 50 psig Total

E-3 Exchanger 51,000 - 51,000

V-8 at Heater H-1 - 3,400 - 3,400

V-7 at Heater H-2 - 40,000 - 40,000

Totals 51,000 43,400 - 94,400

Steam Used, lb/hr
Condensate

450 psig 150 psiq so psig Total Recovered 21
Heaters H1 I, H2 25,000 - -25,000-

S-1 Stripper tower - 2,000 - 2,000 -

T-20 Main Fract. Twr. - 4,000 - 4,000

E-9 Reboiler 66,000 - - 66,000 66,000

E-13 Reboiler - - 28,500 28,500

Totals 91,500 34,500 126,000 94,500 •

Net Steam Import(export) 40,500 (8,900) - 31,600

Boiler Feed Water

For steam produced 94,400 lb/hr 0
For 10% blowdown & wash water 9,440 lb/hr

Total gross BFW needed 103,840 lb/hr

Condensate recovered (reused as BFW) -94,500
Net BFW needed 9,340 lb/hr=19 gpm

Cooling Water Circulated *

Exchanger Rate Supply Return Duty

E-8 3536 GPM 850F 1100F 44.2 MMBTU/HR
E-10 4627 85 115 69.4
E-12 1668 85 105 16.7 ,
E-14 1539 85 105 15.4

Totals 11,370 GPM 145.7 MMBTU/HR

Make-up Cooling Water at 3% of total circulation = 341 GPM filtered water to - -

replace loss to evaporation

'C.
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DISTILLATE HYDROCRACKER UNIT

Utilities and Chemical Requirements
(continued)

Heater Fuel Fired r
p,

Fuel: Vacuum Residuum Product from the Hydrovisbreaker Unit.

Heater H-1 55.44 MMBTU/HR
Heater H-2 182.87

198.31 MMBTU/HR = 33 FOE BBL/hr
= 11,568 lb/hr Residuum Fuel

Electrical Power
Brake Brake
Horsepower Horsepower
Operating Connected

P-11A Prefractionator Tower Feed Pumps 175 350
P-2,2A Prefractionator Tower Reflux Pumps 55 110
P-3,3A Main Fract. Ovhd. Prod. A Reflux Pumps 115 230
P-4,4A Main Fract. Pumparound Pumps 35 70
P-5,5A Main Fract. Reboiler Pumps 550 1100
P-6,6A Reactor Feed Pumps 4500 9000
P-7,7A Turbine Fuel Product Pumps 60 120
P-8,8A Dehexanizer Ovhd. Prod. & Reflux Pumps 20 40
P-9,9A Dehexanizer Bottoms Product Pumps 35 70

K-1 Recycle Gas Compressor 1200 1200

Total Brake Horsepower 5,636 BHP 12,290 BHP

Kilowatts: 4,203 KW 9,165 KW
,%
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DISTILLATE HYDROCRACKER UNIT

List of Major Equipment

Heat Exchangers

E-1 Reactor Feed - Effluent Exchanger
E-2 Reactor Effluent - Recycle Gas Exchanger
E-3 Reactor Effluent - 450 psig Steam Generator
E-4 Reactor Effluent - Recycle Gas Exchanger
E-5 Reactor Effluent - Main Fractionator Feed Exchanger L--A

E-6 Reactor Effluent - Low Pressure Separator Liquid Exchanger
E-7 Reactor Effluent Cooler
E-8 Prefractionator Overhead Condenser
E-9 Prefractionator Reboi ler
E-10 Main Fractionator Overhead Condenser
E-11 Main Fractionator Pumparound Reflux Aircooler
E-12 Dehexanizer Overhead Condenser
E-13 Dehexanizer Reboiler
E-14 Dehexanizer Bottoms Cooler .4
E-15 Turbine Fuel Product Aircooler

Fired Heaters

H-1 Recycle Gas Heater 5
H-2 Main Fractionator Reboiler

Fractionation Towers

T-1 Prefractionator
T-2 Main Fractionator''
T-3 Dehexanizer
S-1 Main Fractionator Sidestripper

Reactor

R-1 Distillate Hydrocracker Reactor-.

Vessel s

V-1 Feed Tank
V-2 High Pressure Separator
V-3 Low Pressure Separator
V-4 Compressor Suction Knockout Drum
V-5 Prefractionator Overhead Accumulator Drum
V-6 Main Fractionator Overhead Accumulator Drum
V-7 Dehexanizer Overhead Accumulator Drum
V-8 150 psig Steam Drum at Heater H-1
V-9 150 psig Steam Drum at Heater H-2 t

1'1

~.:..:

I
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riDISTILLATE HYDROCRACKER UNITJu
.wm

List of Major E uipment
(cont inued) *1

PUMPS

P-1,1A Prefractionator Feed Pumps 4

P-2,2A Prefractionator Reflux Pumps
P-3,3A Main Fractionator Reflux Pumps 4

P-4,4A Main Fractionator Pumparound Reflux Pumps
P-5,5A Main Fractionator Reboiler Pumps
P-6,6A Main Fractionator Bottoms (Reactor Feed) Pumps 4

P-7,7A Sidestripper Bottoms Pumps
P-8,8A Dehexanizer Ref lux Pumps

4'.P-9,9A Dehexanizer Bottoms Pumps

Compressor

K-1 Recycle Gas Compressor

114%
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PROCESS DESIGN SPECIFICATIONS
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for the '
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GAS PLANT :
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GAS PLANT DESCRIPTION j
Feeds and Products

Each of the major processing plants in the refinery produces low-pressure

vent gases and/or tower overhead gases, which are valuable sources of fuel ii
gas, hydrogen plant feed, and liquid hydrocarbon products. Most also contain

high levels of hydrogen sulfide which must be removed and converted to

elemental sulfur to reduce environmental pollution.

Some of the vented refinery gases are sufficiently pure in hydrogen,

methane, ethane and propane so that they can be used directly as fuel gas and

hydrogen plant feed with no further processing. Those streams bypass the Gas

Plant. Included in this group are:

(1) Naphtha Hydrotreater Low-Pressure Vent Gas .

(2) Distillate Hydrotreater Low-Pressure Vent Gas

(3) Hydrogen Purification Unit Vent Gas

However, the Gas Plant feed streams contain significant quantities of

butane and naphtha which can be recovered as liquid products. These streams

inc I ude:

(1) Hydrovisbreaker Atmospheric Flash Tower Off-Gas
(2) Hydrovisbreaker lst-stage Low-Pressure Separator Vent Gas-

(3) Hydrovisbreaker 2nd-stage Low-Pressure Separator Vent Gas -

(4) Naphtha Hydrotreater Stripper Overhead Gas

(5) Distillate Hydrotreater Stripper Overhead Gas

(6) Distillate Hydrocracker Low-Pressure Separator Vent Gas ,

(7) Distillate Hydrocracker Prefractionator Tower Overhead Gas

125 -
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Consequently the purpose of the Gas Plant is to separate the gas feed mixture A
into three main products:

(1) Dry Gas - enroute to sulfur removal prior to use as fuel gas or

hydrogen plant feedstock

(2) Butane - enroute to treating for sulfur removal prior to sale

, (3) Naphtha - to be mixed with the Main Fractionator naphtha product

Process Flow Description

The Gas Plant consists primarily of an Absorber-Stripper Tower and a

Debutanizer Tower with a Sidestripper. The Absorber-Stripper has a total of
42 trays. It actually consists of two towers constructed in piggy-back

fashion with a 22-tray absorber section on top of a 20-tray stripper section.

The Debutanizer has 43 trays and its Sidestripper has 9 trays.

The Absorber-Stripper separates the dry gas from the butane and heavier

hydrocarbon products with the aid of Olean oil circulated from the

Debutanizer bottoms. The Debutanizer and Sidestripper towers subsequently

separate the butane, naphtha, and lean oil.

The feedstock gas mixture for the Gas Plant is fed to the Absorber-

Stripper column near the top of the Stripper section. The only other feed

stream entering the column is the lean oil (Debutanizer bottoms product) which

is fed to the top of the Absorber to recover butane and heavier components

that may be entrained in the dry gas.

The Absorber bottoms liquid anJ the Stripper overhead vapor are routed

through the Absorber intercoolers and pass into a phase separator drum. Drumliquid is pumped to the Stripper top tray, and drum vapor is fed to the bottom

of the Absorber.
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The Absorber intercoolers serve to reduce the minimum required capacity
P (diameter) of the Absorber section by moving some of the overhead condenser

duty to a point below the Absorber section. This condenses some of the

higher-boiling components that would otherwise flow upward into the Absorber

from the Stripper, and thereby reduces the vapor/liquid traffic through the

entire Absorber.

Liquids traveling down the Stripper are stripped of light hydrocarbons by

addition of heat from an interheater and a bottoms reboiler. The interheater

is placed higher in the Stripper than the reboiler for reasons similar to
those above concerning placement of the Absorber intercooler. By placing the

interheater higher in the column, it strips out some of the lower-boiling

components that would otherwise flow down through the Stripper section.

Consequently this reduces the vapor/liquid traffic in the lower Stripper,
which reduces the minimum required diameter of the Stripper section.

Debutanizer bottoms serves as the lean oil for the Absorber. It is fed to

the Absorber overhead vapor stream upstream of the condenser and enters the
Absorber with the liquid reflux. The hot Debutanizer bottoms first is cooled

by heat exchange with the Stripper bottoms (rich oil), then the Stripper

interheater, and finally with a lean oil cooler prior to being fed to the

Absorber overhead condenser.

The heated Stripper bottoms (rich oil) is combined with make-up lean oil
to form the Debutanizer feed. The make-up lean oil stream is drawn from an

upper tray of the Main Fractionator Tower at the Distillate Hydrocracker Unit.

The Debutanizer overhead vapor is combined with lean oil and passed

through the overhead condenser and into the reflux accumulator drum. The

condensate with the lean oil is returned to the Absorber as reflux. The
uncondensed vapors are sent to a secondary condenser to form bubble-point

butane product in the overhead product accumulator drum.
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Naphtha is drawn from the middle section of the Debutanizer and stripped
i n the S idestr ipper by rebo i Ier heat. The Sidestripper overhead is returned

to a higher tray in the Debutanizer tower. The light naphtha from the
Sidestripper bottomis is blended with other naphtha from the Main Fractionator

overhead.
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GAS PLANT

DESIGN BASIS

FEED STREAMS

(See Material Balance and Stream Properties for more detail.)

1. Hydrovisbreaker Atmospheric Flash Tower Off-Gas

2. Hydrovisbreaker 1st-stage Low-Pressure Separator Vent Gas

3. Hydrovisbreaker 2nd-stage Low-Pressure Separator Vent Gas

4. Naphtha Hydrotreater Stripper Overhead Gas

5. Distillate Hydrotreater Stripper Overhead Gas

6. Distillate Hydrocracker Low-Pressure Separator Vent Gas

7. Distillate Hydrocracker Prefractionator Tower Overhead Gas

8. Lean Oil Make-Up

OPERATING SPECIFICATIONS

1. Absorber-Stripper

C4 recovery in Stripper bottoms (Rich Oil): 99% of C4 feed

C4+ in Absorber overhead (Dry Gas): 2 mole% C4+ MAX.

Adjust C3 in Stripper bottoms (Rich Oil)

so that C3- in Debut Ovhd. product is: 2 mole% C3" MAX.

- 129 -



GAS PLANT

DESIGN BASIS

(continued)

2. Debutanizer

C4 recovery in overhead butane product: 99% of C4 feed

C3- in Ovhd. product (see Abs-Stripper above): 2 mole% C3- MAX.

C5+ in Ovhd. product 3 mole% C5+ MAX.

Sidedraw TBP boiling range CS - 175OF

Bottoms TBP boiling range 175F

3. Debutanizer Sidestripper

C4- in stripped bottoms 5 mole% C4" MAX.

Bottoms TBP boiling range CS - 175°F

.a- -

m- UTILITIES

1. Cooling water: supply at 85*F / return at 105°F

2. Saturated steam pressures available: 450, 150, 50 psig
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GAS PLANT
LIST OF MAJOR EQUIPMENT

TOWERS Height I.D. No. of Trays

T-1 Absorber-Stripper 123 ft. 6 ft/9 ft 42

T-2 Debutanizer 110 ft. 8.5 ft 43

T-3 Debutanizer Sidestripper 36 ft. 3.5 ft 9 p1

VESSELS (all horizontal) I.D. S-S Length

V-1 Absorber Reflux Accumulator 6.5 ft 21 ft I

V-2 Intercooler Separator 9 ft 20 ft

V-3 Debutanizer Reflux Accumulator 5 ft 11 ft

V-4 Debutanizer Overhead Product Accumulator 5 ft 12 ft

HEAT EXCHANGERS, REBOILERS, CONDENSERS Duty, MMBTU/hr

E-1 Absorber Overhead Condenser 3.110

E-2,2A Absorber Intercoolers 19.753

E-3 Stripper Interheater 8.000

E-4 Stripper Reboiler 34.072

E-5 Debutanizer Feed/Bottoms Heat Exchanger 17.543

E-6 Debutanizer Overhead Condenser 23.657

E-7 Debutanizer Overhead Product Condenser 8.105

E-8 Debutanizer Sidestripper Reboiler 4.021 .'.-.

E-9 Debutanizer Reboiler 25.470

E-10 Lean Oil Cooler 18.525
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GAS PLANT,
LIST OF MAJOR EQUIPMENT

~~(conti nued)
F.

* ~ PUMPS

P-1,1A Absorber Reflux

P-2,2A Stripper Reflux

P-3,3A Stripper Bottoms (Rich OilI) ,

P-4,4A Debutanizer Reflux .:

P-5,5A Butane Product-

P-6,6A Debutanizer Bottoms (Lean Oil) 2--,

P-7,TA Lean Oil Make-Up

" f"4
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GAS PLANT

UTILITY REQUIREMENTS
p

Saturated Steam lb/hr

450 psig E-9 Debutanizer Reboiler: 33294

150 psig E-4 Stripper Reboiler: 39555

50 psig E-8 Debutanizer Sidestripper Reboiler: 4376

Total Boiler Feed Water: 77225 lb/hr

Cooling Water (85°F supply; 105°F return) gal/mi S....

E-1 Absorber Condenser: 415

E-2,2A Absorber Intercoolers: 1975

E-6 Debutanizer Overhead Condenser and

E-7 Debutanizer Overhead Product Condenser: 3175

E-10 Lean Oil Cooler: 1853

Total Coo i ng Water: 7418 gpm_.

Process Electricity (requirement for one pump from each pair) KW

P-1,1A Absorber Reflux 50 p

P-2,2A Intercooler Separator Liquid 55

P-3,3A Stripper Bottoms (Rich Oil) 15

P-4,4A Debutanizer Ref lux 35

P-5,5A Butane Product 25 I)

P-6,6A Debutanizer Bottoms 75

P-7,7A Lean Oil Make-up 5

Total 260 KW

- 133 -
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LOW PRESSURE AMINE UNIT

Process Description

It is estimated that the combined dry gas from the gas plant plus

bypassed lean gas will be about 48.4 million cubic feet per day containing

about 1.22 gas volume percent hydrogen sulfide. This gas contains 25 short

tins oer stream day of sulfur. This must be removed to use this gas for

M.-Iing hydrogen. This is done by scrubbing the gas with 15 wt%

monoethanolamine (MEA) in water. The gas is routed at 100*F and 100 psig

through the amine absorber. The hydrogen sulfide is absorbed in the MEA.

About a 99% removal is possible. The amine to the contactor top tray should

be about 5*F above that of the incoming gas to avoid hydrocarbons condensing

in the contactor. Condensation causes a *foam over' with amine carry over

into the outlet gas.

The lean amine flows down through the 20-tray amine contactor
countercurrent to the gas feed. The rich amine from the contactor is flashed

to remove entrained hydrocarbons. The flashed amine is preheated by heat

exchange and routed to the top of the amine still. Hot water vapor produced

by the reboiler removes the hydrogen sulfide and carries it overhead The

water vapor is condensed in the overhead condenser and the hydrogen sulfide

gas is piped to the sulfur recovery unit.

The stripped amine is cooled by heat exchange and water cooling for

recirculation to the contactor.

A drag stream of lean amine is heated to a higher temperature to distill

off the amine. Salts and impurities are withdrawn and discarded.

- 140 -

'- ,* " ,- , "' *"* '''
" ' ' '

; 
' ' ' ' ' ' '



LOW PRESSURE AMINE UNIT

DESIGN BASIS

Feed Ga3: 48.4 MMSCFD "

Hydrogen Sulfide fed 25 Short Tons/Stream Day

Hydrogen Sulfide recovery 99%

Amine type: 15 wt% MEA (monoethanolamine)

Amine contactor pressure: 100 psig 'A

Amine still bottoms: 235OF
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LOW PRESSURE AMINE UNIT 'p

Utilities and Chemicals

Steam

150 psig Steam 1,310 lb/hr
50 psig Steam 12,500 lb/hr

Steam condensate recovered 13,810 lb/hr

Cooling water

Supplied at 85*F, returned at 115F

Circulation: 720 GPM

Electrical Power (440 and 220 volt) 23 KW

Chemicals

Monoethanolamine (MEA)
at 100% concentration: 5 gal/day -

1V
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LOW PRESSURE AMINE UNIT

List of Major Equipment

Exchangers

E-1 Rich Amineo Lean Amine Exchanger
E-2 Still Condenser
E-3 Lean Amine Cooler
E-4 Still Reboiler
E-s Still Reclaimer

Towers and Vessels

T-1 Amine Contactor
T-2 Amine Still L

V-1 Amine Flash Tank
V-2 Amine Surge Tank
V-3 Amine Accumulator

P-1,1A Lean Amine Pumps
P-2,2A Still Reflux Pumps
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HYDROGEN PLANTS

Catalytic Steam Reforming of Hydrocarbons

1

PROCESS DESCRIPTION

The overall hydrogen production requirement for the refinery conversion

processes is 160 MMSCFD of 95% purity hydrogen. This has been divided into

two duplicate 80 MMSCFD hydrogen plants since this is approaching the maximum

shop-fabricated equipment size. Also, the conversion processes -

hydrovisbreaking, naphtha hydrotreating, distillate hydrocracking, and

hydrocracking - can be kept on-stream if one hydrogen unit fails.

The feed to the units is amine-treated dry gas plus vaporized butane.

These gases are caustic washed to remove residual hydrogen sulfide.

I

The feed gas is then compressed from 100 psig to 400 psig and preheated

with a fired furnace to about 700*F. The preheated gas is then mixed with

hydrogen and passed over cobalt-moly catalyst, which saturates olefins and

converts any organic sulfur compounds to saturated hydrocarbons plus hydrogen K

sulfide.

The feed gas is then routed through two zinc oxide beds in series, which .,

remove the small amount of hydrogen sulfide formed from organic sulfur

compounds. The feed gas is then mixed with preheated steam and is fed to the I

reformer furnace to produce hydrogen plus carbon monoxide and carbon dioxide.

The zinc oxide is converted to zinc sulfide. The zinc oxide is replaced

periodically.

The reformer furnace contains vertical tubes with an inside diameter of

approximately six inches packed with catalyst. The feed gas enters through

the convection section after being premixed with superheated
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steam. The steam is waste steam produced in the process which has also been

preheated in the furnace convection section. The steam and hydrocarbon gas

flow down over the catalyst in the radiant tubes where the conversion to

hydrogen, carbon dioxide, carbon monoxide, and water vapor takes place. The

converted gases leave the furnace at about 1525*F and are cooled to 650*F in

the waste heat steam generator.

The gases are then routed through a high temperature (750°F) catalytic

shift converter followed by a low temperature (400*F) catalytic shift

converter. These catalytic reactors convert the carbon monoxide to carbon

dioxide. The carbon dioxide is then absorbed in a regenerative potassium

carbonate solution and thus removed from the process.

The carbon dioxide absorber tower operates at about 200*F and 300 psig.

The rich solution is stripped of the absorbed carbon dioxide in a reboiled ,

regenerative tower. The carbon dioxide is vented to the atmosphere. The

scrubbed gas is now about 95% hydrogen but still contains some carbon dioxide

and carbon monoxide, which are next removed by a catalytic methanator.

The catalytic methanator reacts carbon oxides with hydrogen to form

methane plus water vapor. This removes the carbon monoxide which is

hydrocracker catalyst poison. The methanator operates at about 500*F and

about 300 psig.

The purified hydrogen product is then cooled and compressed from 240 psig

to 2445 psig with electrically driven reciprocating compressors for use in the

Hydrovisbreaker, Distillate Hydrotreater, and Distillate Hydrocracker Units.

A portion of the hydrogen is removed at 1190 psig for use in the Naphtha

Hydrotreater Unit.

%15
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HYDROGEN PLANT

DESIGN BASIS

p

Two (2) duplicate units

Feed (combined total for both units):

Refinery Dry Gas 48.42 MMSCFD (containing 23.64 MMSCFD Hydrogen)

Vaporized Butane 1158 BPSD

Steam consumed 146,000 lb/hr p

."-%

Steam export (estimated) 0- 50,000 lb/hr

The detailed steam balance within the unit was estimated from

similar units. A detailed hydrogen plant design was not developed.

Total Hydrogen Product (95% purity): 160 MMSCFH

Hydrogen Required by the Hydroprocessing Plants

Naphtha Hydrotreater 9.0 MMSCFD

Hydrov i sbreaker 40.0

Distillate Hydrotreater 55.0

Distillate Hydrocracker 52.0 I

Internal use at Hydrogen Pit. 4.0

Total 160.0 MMSCFD

- 51 - ,"
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HYDROGEN PLANT

Utilities, Chemicals, and Catalyst

Combined Requirements for both 80,000 MMSCFD plants

Export Steam Generated (450 psig): 0 - 50,000 lb/hr

Cooling water circulated 38,720 GPM

Electrical power

Excluding product booster compressors 2,700 KW

Product booster compressors 1,206 KW

Total 21,906 KW

Process water 838 GPM

Fuel (from refinery butane

and naphtha products)

Butane 917.5 MMBTU/HR = 5,743 BPSD

Naphtha 371.5 MMBTU/HR = 2,111 BPSD

Raw Materials

Caustic Soda 1000 lb/day

Zinc Oxide 4.2 lb/day

Cobalt Moly Desulfurization Catalyst 61.2 lb/day

Reforming Catalyst 86.4 lb/day

High Temperature Shift Catalyst 252 lb/day

Low Temperature Shift Catalyst 288 lb/day

Potassium Carbonate 1120 lb/day

Methanation Catalyst 33 lb/day

'°p
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HYDROGEN PLANT "l

Major Equipment

The hydrogen plant capital and utility requirements were based on data
taken from Stanford Research Institute reports and from Sun Company
hydrogen plant designs. Therefore, no detailed design or major equipment

* Ilist was developed.

Additionally, no royalty is involved in purchasing the hydrogen plants.
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HYDROGEN PURIFICATION UNIT

Pressure Swing Absorption plus Recompression

Process Description

In hydroprocessing oil refineries hydrogen of 95 mole percent purity or

higher is injected into the reactors. In the reaction methane and other light

hydrocarbons are produced as byproducts. These are absorbed into the liquid

product and removed from the system. In addition in hydrovisbreaking a bleed

of the high pressure hydrogen recycle is required to maintain hydrogen purity

(and hydrogen partial pressure) in the recycled gas system.

Recovering hydrogen from the high pressure bleed gas by use of pressure

swing absorption is an economic method to reduce the size of the hydrogen

production plant. This process developed by Union Carbide has been

demonstrated world-wide in over 240 commercial units, and is available

royalty-free.

Shown in the attached process flow diagram, it was found desirable to,16

recover hydrogen from the distillate hydrotreater as well as the

hydrovisbreaker. These bleed gases are combined at a pressure of 2400 psig

and a temperature of 100*F. They must be reduced in pressure from 2400 psig

to 800 psig for Pressure Swing Absorption (PSA) processing. A turbo-expander

is used to recover valuable energy. Preheating ahead of expansion is required

to obtain an expander outlet temperature of 100*F.

Hydrocarbons are absorbed on a molecular sieve in the PSA unit. The high V

purity hydrogen passes through the PSA, is recompressed and reused in the

hydrotreater and hydrovisbreaker units. The PSA system is installed as a 5-

vessel unit. While one vessel is absorbing hydrocarbons, four vessels are

undergoing staged regeneration. A cycle is arranged so one vessel in a unit

is always onstream.

1,
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Normal practice is to install two or more 5-vessel units in parallel

depending on the capacity required. The cyclic sequence of a 5-vessel unit

is:

Vessel Operating

Number Status Process Description

1 On stream Absorption of hydrocarbons. Upflow feed.

2 Off line Depressuring - top vent - venting hydrogen to

repressure vessel No. 5, followed by purge hydrogen

to vessel No. 4.
P.r

3 Off line Final Depressuring - bottom vent - venting absorbed

hydrocarbon gases to tail gas at 0 psig and 110*F.

4 Off line Purge hydrogen from vessel No. 2 into top of vessel.

The purge sweeps hydrocarbon gases out bottom vent

to tail gas at 0 psig and 110°F.

5 Off line High purity, medium pressure hydrogen from vessel p

No. 2 is injected into the vessel followed by high -

pressure pure hydrogen. This repressures vessel

No. 5, which then goes on stream as vessel No. 1

goes off line.

The cycle continues controlled automatically.

The hydrogen product at 9g mole percent purity is compressed from 800

psig to 2475 psig, cooled to 110F and returned to the Hydrovisbreaker and

Distillate Hydrotreating Unit.

The tail gas is compressed from 0 psig to 165 psig, cooled and routed to

the low pressure amine unit for removal of hydrogen sulfide.

-157-
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HYDROGEN PURIFICATION UNIT

DESIGN BASIS

Purification Process: Polybed Pressure Swing Absorption Unit

Hydrogen

Feed Gas (1) Product Gas (2) Fuel Gas (3)
•'w.

Flow Rate, MMSCFD 96.5 75.0 21.5 A

Pressure, psig 800 790 2

Temperature, *F 100 110 110

Composition, mol%

Hydrogen 87.85 99 minimum 49.1

Methane 9.36 1 maximum 38.4

Ethane 1.54 6.9

Propylene 0.05 0.2

Propane 0.69 3.1

Butane 0.29 1.3

Pentane 0.18 0.8

Water 0.04 - 0.2

A-N
A..%

Totals 100.00 100 100.0

Notes:

(1) Feed gas enters the area at 2475 psig and 110*F. It is preheated to

300*F then expanded to 800 psig and 100*F.

(2) Hydrogen product gas is compressed from 790 psig to 2470 psig and

cooled to 110F.

(3) Fuel gas is compressed from 0 psig to 165 psig and cooled to 110F.
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HYDROGEN PURIFICATION UNIT

Utility and Chemical Requirements

Steam Used: 150 psig to Feed Gas Preheater 19,200 lb/hr

Instrument Air: 3500 SCFH at 100 psig

Electrical Power:

Power used by hydrogen compressors 7026 BHP

(Two 4000 BHP motors)

Power used by fuel gas compressor 3750 BHP

Total power required for compressors 10,776 BHP

Power generated by Turbo-Expander 9,714 BHP

Net power required for compressors 1,062 BHP

p

Power for instrumentation, lighting, etc. 10 KW

Cooling Water

Supply temperature: 85*F

Return temperature: 105°F

Hydrogen Compressor Inter- and Aftercoolers 1,348 GPM

Fuel Gas Compressor Inter- and Aftercoolers 319 GPM

Total 1,667 GPM

159-
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HYDROGEN PURIFICATION UNIT

Major Equipment

Because a package price for the Polybed Pressure Swing Adsorption Unit

was obtained from Union Carbide, it was unnecessary to specify the equipment

in detail. However, the turbo-expander feeding the unit and the compressor
N systems for the hydrogen product and tail gas were specified separately. The

Hydrogen and Fuel Gas Compressor systems were priced by Dresser (equipment

supplier). Sun estimated the horsepower and price of the Turbo-Expander.

Additionally, Union Carbide advised that the life of the molecular

sieves in the pressure swing adsorption unit is sufficiently long that a

replacement batch is not required. Their plant price included the cost of the

molecular sieves. There is no royalty charge.
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SOUR WATER STRIPPER AND AMMONIA RECOVERY PLANT

PROCESS DESCRIPTION

Approximately 1750 GPM of sour water is recovered from the

hydroprocessing units. This is largely wash water used to eliminate condenser e

and cooler fouling in the reactor recycle loops. Extensive investigations in

the petroleum industry show that the ammonium hydrosulfide concentration in

water must be held to 2 wt% or less to eliminate equipment fouling. It is

estimated that up to 100 short tons/day of ammonia and 143 short tons/day of -'

hydrogen sulfide will be contained in the water. .

The ammonia combines with an equal molar volume of hydrogen sulfide in

the sour water. The above quantities occur at 49% nitrogen conversion to

ammonia in the Hydrovisbreaker which was used as maximum design conversion.

Two stage sour water stripping is required to recover the ammonia

separately from the hydrogen sulfide. Typically, caustic is added and the

ammonia is steam stripped off. The alkaline water is then neutralized with

acid and the hydrogen sulfide is steam stripped off. The resulting stripped O-

sour water contains appreciable salts and is a disposal problem.

Two-stage stripping, separating ammonia from hydrogen sulfide is highly

desirable for proper operation of the sulfur recovery unit. Also the ammonia

has a worthwhile product value.

Chevron Research Company has developed a licensed process (WWT Process)

which does not require the addition of caustic and acid to separately recover

the ammonia and hydrogen sulfide by steam stripping. This permits re-using 5

the stripped water for hydroprocessing injection, crude unit desalting water,

and other process uses. A drag stream must be routed to disposal via waste

water treating to oxidize the phenols and a small residual ammonia and

hydrogen sulfide content.

p%.%
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The WWT Process is included in this plant since it reduces water usage

and water disposal. The process consists of four main process steps:

1. Degassing and feed storage

2. Acid gas (H2S) steam stripping

3. Ammonia steam stripping

4. Ammonia purification and liquefaction

The sour water feed to the plant is combined with a recycle stream from

the ammonia stripper, cooled and fed to a degasser where dissolved hydrogen,

methane, and other light hydrocarbons are removed. The recycle stream is rich

in ammonia, which helps keep acid gases in solution in the degasser. Thus,

the release of acid gas and possible air pollution are minimized. The

degassed sour water is pumped to an off-plot storage tank which serves to

dampen flow rate and composition changes. It also provides the opportunity to

remove entrained oil and solids.
N

From the feed tank the degassed sour water feed is pumped to the WWT

unit, where it is heated by feed-bottoms exchange and fed to the acid gas or ,

hydrogen sulfide stripper. This stripper is a steam-reboiled distillation

column. The hydrogen sulfide, which is stripped overhead, is of high purity -

an excellent feed for a sulfur or sulfuric acid plant. It contains negligible

ammonia, less than 50 ppm, and very little hydrocarbon since the plant feed

has been degassed. However, it does contain any carbon dioxide that is

present in the feed. The hydrogen sulfide is available at about 20 psig and

100*F and will be saturated with water vapor.

The hydrogen sulfide stripper bottoms, containing all the ammonia in the

feed and some hydrogen sulfide, is fed directly to the ammonia stripper, which

is a steam-reboiled refluxed distillation column. In this column, essentially

* all the ammonia and hydrogen sulfide are removed from the water, which leaves

as the column bottoms stream. After exchanging heat with the hydrogen sulfide

stripper feed, this stripped waster is cooled and sent off-plot for reuse or

"'164 -
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treating. The stripped water contains less than 50 ppm of free ammonia and

less than 10 ppm of free hydrogen sulfide. The stripped water will also

contain traces of phenols and salts which entered with the feed. If the feed

contains acidic compounds that *fix* ammonia, the fixed ammonia can be

released and then stripped off.

The ammonia and hydrogen sulfide stripped from the water in the ammonia

stripper are passed through an overhead condenser and are partially condensed.

The liquid is used as column reflux, with a portion being recycled to the

degasser and off-plot feed tank.

For production of anhydrous ammonia, the gas is passed through a two-

stage scrubbing system to remove hydrogen sulfide and is then liquified to

produce the anhydrous ammonia. The hydrogen sulfide content of the ammonia is

typically less than 5 ppm.

The ammonia is compressed to 225 psia and condensed with cooling water.

The ammonia product liquid is stored in a 42 foot diameter sphere which will

hold 700 short tons (7 days of production).

%1
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SOUR WATER STRIPPER AND AMMONIA PLANT

DESIGN BASIS

Feed: Maximum design

1750 GPM Sour Water at 100*F and 130 psig

containing:

Ammonia 100.4 Short tons/stream day

Hydrogen sulfide 142.6 Short tons/stream day

Trace amounts of phenols, chloride, and salts

A pH of 8.5 to 9.0 is expected due to an excess of ammonia.

Hydrogen Sulfide Product

Hydrogen sulfide vapor containing 100 wt ppm ammonia, saturated

with water vapor. The product is available at 20 psig and 100*F.

This is feed to the Sulfur Recovery Unit.

Ammonia Product

Liquid ammonia (anhydrous) containing 5 wt ppm hydrogen sulfide

and

0.4 wt ppm of water.

Stripped Water

The water will contain 50 wt ppm of ammonia (maximum) and 10 wt

ppm of hydrogen sulfide (maximum). Small amounts of phenols,

chlorides, and sais will be present.

166 -
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SOUR WATER STRIPPER AND AMMONIA PLANT

UTILITY AND CHEMICAL REQUIREMENTS

Uti I ties

150 psig Steam used: 90,000 lb/hr

50 psig Steam used: 118,000 lb/hr

Steam condensate recovered: 208,000 lb/hr

Cold condensate used: 26,000 lb/hr

Electrical power used (440 and 220 Volt) 980 KW

Cooling water circulated 1,720 GPM

Supplied at 850F

Returned at 100*F

Chemicals and catalyst None

167 -
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SOUR WATER STRIPPER AND AMMONIA PLANT

MAJOR EQUIPMENT

Because this is a licensed process, a detailed design and equipment

list were not developed. These would be supplied by Chevron Research
when needed.

Royalty cost basis

Fixed royalty - $400,000 paid over 2 years

Running royalty - 87,500 per year (This would vary slightly with

actual H2S and ammonia recovery.)
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SULFUR RECOVERY UNIT

%a-

including a

Claus Unit and Tail Gas Unit

Process Description Pti

The Claus process is the most widely used method to recover sulfur from

hydrogen sulfide (H2S). Conversion is achieved by combustion of one-third of

the hydrogen sulfide to sulfur dioxide (SO2). Since the reaction is

exothermic, it is carried out in a waste heat steam generator using air for

combustion. The H2S and SO2 then react over a catalyst to form sulfur and

water vapor. Since the conversion is incomplete the gases are cooled, the

sulfur is condensed out, and the reheated gases are fed to a second stage

reactor. The gases are again cooled indirectly by low pressure steam

generation, and the sulfur is condensed out. The Claus reaction takes place

at about 220*C (428*F) and 3 to 8 psig. Alumina or bauxite is the normal

catalyst for both reactors.

Since some hydrocarbon carryover and other problems with sulfur plants" "

tend to plug the catalyst, it is normal practice to install two 100% capacity

units to ensure 100% onstream time.

The twin units are followed by a single tail gas unit to ensure about

99.8% total hydrogen sulfide removal. The tail gas unit reheats the tail gas a'..

and introduces hydrogen as a reducing gas to convert all the sulfur compounds

in the tail gas to hydrogen sulfide. The tail gas is then cooled, and the

hydrogen sulfide is scrubbed out with amine. The amine is recycled to a still

to strip out and recover the hydrogen sulfide. The conversion of sulfur 5

compounds plus hydrogen to hydrogen sulfide takes place in a reactor

containing a cobalt/molybdenum catalyst at about 300*C (572*F) and essentially %

atmospheric pressure.

.141
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The off-gas remaining after the tail gas has been scrubbed by amine is
routed to a direct fired incinerator to combust any residual hydrogen sulfide

or hydrocarbon gases.

These incinerated gases are then dispersed from a stack. The percentage

u sulfur removal from the tail gas can be maintained at 99.8% of the H2S in.

However, good instrumental control and maintenance of the unit is necessary.

17.
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SULFUR RECOVERY UNIT

Design Basis

Feed: Sulfur Equivalent

Hydrogen sulfide from amine units 87.9 short tons/day

Hydrogen sulfide from sour water stripper 77.3 short tons/day

Total 165.2 short tons/day

The unit must be designed for a major amount of the hydrogen sulfide (about

86%) coming from the Sour Water Stripper when the Hydrovisbreaker operates at
maximum nitrogen conversion. This is because the resulting ammonia in the

Hydrovisbreaker wash water will absorb most of the hydrogen sulfide. At that

time the Hydrovisbreaker amine unit duty will be light.

Product: Molten Sulfur 165 short tons/day = 330,000 lb/day V

Two parallel Claus sulfur plants each designed for 165 short tons/day of

sulfur production followed by one BSR/MDEA or Scott Tail Gas Unit plus an

incinerator and stack.

I
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SULFUR RECOVERY UNIT

Utilities and Chemical Requirement

Utilities Produced

.1r

Excess 600 psig Steam at 600*F 8,400 lb/hr

Excess 50 psig Steam 28,900 lb/hr

Excess condensate produced 37,300 lb/hr

Utilities Required

Electrical power 192 KW

Cooling water circulation 3,390 GPM

Treated boiler feed water 45,841 lb/hr

Natural gas 21.4 MMBTU/hr

Catalyst and chemical cost $32,430 per year

Includes: alumina Claus catalyst

Co-Mo tail gas catalyst

and alkanolamine

% %%
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SULFUR RECOVERY UNIT
Major Equipment

A packaged price was obtained for both the Claus units and the tail gas unit %"

from Ralph M. Parsons Company, a builder of many sulfur plants. Consequently %

it was unnecessary to develop a detailed process design or major equipment

list.

There is no royalty on the Claus units, but there is a royalty on the tail gas .. ,.

unit. The royalty on the BSR/MDEA tail gas unit would be: "
p

Tail Gas Unit Royalty, Ralph M. Parsons Co.

for 165 tons/day sulfur production:

$172,000 distributed as: 25% upon signing the license p
25% upon start of construction

25% upon mechanical construction

25% after performance guarantee is met

p
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Flue Gas Desulfurization Unit
'

0
e

Process Description

* The vacuum residuum produced from hydrovisbreaking will contain 1.34

weight percent sulfur based on the pilot plant data. There will be 4839 BPSD
of this residuum produced. At maximum firing rate on the feed heaters and the r

boiler, 3862 BPSD of this residuum will be used as fuel. This will be send an

excessive amount of sulfur dioxide to the atmosphere (19.7 tons per day),

unless stack gas scrubbing is installed. This fuel will also contain 612

lb/hr of molybdenum sulfide (MoS) derived from the Hydrovisbreaker coke-

suppressing additive, which will become fly ash after fuel combustion. This

must be removed by an electrostatic precipitator (ESP) ahead of the stack gas

scrubber.

Ths Wellman-Lord stack gas scrubbing process was selected since this

process has more proven commercial operation than any other regenerative

process. Since it is a regenerative process it recovers sulfur and eliminates

a large spent treating agent disposal problem which non-regenerative processes

have. Also the make-up treating agent (soda ash) is a common low cost

chemical.

Information from the Stanford Resear:h Institute was used to develop the

following information. A detailed design was not developed for the San Ardo

crude stack gas scrubber.

A process flow diagram of the Wellman-Lord sulfite scrubbing process for

removing SO2 from flue gases is attached. The scrubbing liquor is regenerated

for recycling and the liberated rich SO2 gas stream is reduced to sulfur by

methane using a proprietary process of Allied Chemical Corporation.

The flue gas enters the system at 450*F and is cooled to 200*F by

exchanging heat with the effluent flue gas. The flue gas enters the

t .
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electrostatic precipitator where 99.5 to 99.8 wt% of the fly ash is removed

and then proceeds through a booster fan to the scrubber system. The gas

enters a venturi prescrubber at 200*F where the gas is humidified and cooled

to about 130-135*F with a recirculating aqueous stream which also removes 95

to 99% of the SO3 and chlorides in the flue gas as hydrochloric and sulfuric3k
acids. Any remaining particulate in the gas is substantially removed in this

step. The removal of chlorides in this step keeps chlorides in the subsequent

sulfite scrubbing at a very low level, thus reducing the lotential occurrence

of stress corrosion. Make-up process water is added at this point to the

bottom of the absorber to replace water lost by vaporization in humidifying

and cooling the gas and water removed in the purge stream from the venturi

scrubber. This aqueous purge stream containing solids and acids collected by

the venturi scrubber are pumped to an ash disposal pond where an alkaline

reaction with the ash neutralizes the acidic constituents. The stream may

alternately be neutralized with an excess of slaked lime slurry if necessary

before disposal in the ash pond. The saturation of the flue gas in the

venturi prescrubber system prevents the evaporation of any significant amounts

of waster in the SO2 scrubber itself.

The flue gas enters the bottom of the absorber almost saturated with

water, and then passes through a chevron type demister to catch carryover of

any entrained recycle wash solution into the main body of the absorber. The

cooled humidified flue gas enters the scrubber through chimney type

distributors where it flows upwasrd through three valve trays. The lean .2

sodium sulfite solution enters at the top of the scrubber and flows downward

counter-currently to the rising flue gas from tray to tray, removing over 90%

of the SO2 and forming sodium bisulfite in the liquor. The sodium sulfite

solution has the capacity to absorb SO2 up to about 60 g/liter. The

superficial gas velocity through the absorber is about 10 fps. Rich scrubber

solution is collected on the bottom tray and flows to a surge tank of a P

capacity to allow the regenerator circuit to be shut down for up to 24 hours

without halting scrubber operation.

P
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Oxidation of the sodium sulfite in the scrubber solution occurs by

reaction with the oxygen in the flue gas and inactive sodium sulfate is

formed. About 8 to 10% of the sulfur absorbed from the flue gas is converted

to Na2SO4 by typical levels of excess oxygen in the flue gas. To keep this

level of unreactive salt from building up to undesirable levels and causing

crystallization in the scrubber, a purge of about 15% of the rich scrubber

liquor is withdrawn from treatment to separate Na2SO4 from the system and

return the active solution to the scrubber. The warm purge stream is first

cooled by exchange with cold returning scrubber solution and then cooled

further to about 30-32*F in a chiller-crystallizer. A mixture of sodium

sulfate and sodium sulfite crystallizes out which is separated from the liquor

in a centrifuge at about 40X solids. With controlled crystallization, Na2S4

precipitates in a much greater proportion than the other sodium compounds.

The solids are dried in a rotary drum with indirectly steam-heated air. The

product is a crystalline mixture of Na2SO4 (70%) and Na2SO3 (30%) with very

small amounts of thiosulfates, pyrosulfites and chlorides. This solid can be

disposed of by sale as a salt cake mixture to a kraft paper mill. An ethylene

glycol refrigeration system is used for cooling in the crystallization system.

The SO2 regeneration system consists of a double effect, forced

circulation evaporator-crystallizer, with low pressure exhaust steam as the

source of heat. Other equipment includes condensers, a condensate stripper

and a sodium sulfite dissolving tank. Sodium sulfite is regenerated from

sodium bisulfite plus the evolution of SO2 by reversing the absorption

reaction by the addition of heat.

The rich scrubber liquor combined with the liquor from the Na2 SO4

centrifuges is split between the two evaporator effects, about 55% to effect I

and about 45% to effect II. The liquor in the first effect is heated with

exhaust steam in an external recirculation heat exchanger and operates at

about 200*F under a small vacuum. The vapor from the first effect is used to

similarly heat the second effect which operates at about 170°F and a higher

vacuum. Water vapor and SO exit overhead from each evaporator effect and are
2
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partially condensed to remove most of the water and concentrate the SO2 .

Also, in each effect primarily sodium sulfite crystallizes out to a 45% solids

concentration in the recirculating liquor as a slurry. A bleed stream of this I
slurry is withdrawn to a dissolving tank where the Na2SO3 is dissolved with

recycled condensate from the evaporator condensers. The regeneration reaction

in the evaporators is limited by the equilibrium concentration of sulfite ion

in solution. Since Na2SO3 is less soluble than NaHSO3, the crystallization of

sulfite continuously removes it from the equilibrium allowing the regeneration

reaction to proceed to substantial completion. Several hundred ppm of

dissolved SO2 is present in the condensate and this is stripped with steam to

drive the SO overhead. The Na2SO3 slurry is dissolved in a dump tank with IN

stripped condensate and water in a sodium carbonate solution added as sodium U

makeup to the system to replace that lost in the solid Na2 SO4 purge. The

resulting solution is recycled to the scrubber as lean absorbent medium. The

resulting SO2 exiting the regeneration system contains about 5 to 10% water

and is compressed and transferred to the SO2 reduction section. 6

Reducing gas (natural gas) is added in a correct proportion to the rich

gas stream, and this gas mixture is then passed through a feed gas heater

where its temperature is raised above the dew point of the sulfur formed in

the primary reduction system. The principle function of the catalytic

reduction reaction is to form over 40% of the total recovered sulfur plus an

amount of H2S to attain an H2S/SO2 ratio in the gas stream to approximate the

stoichiometric ratio of 2:1 required for the Claus reaction.

The preheated SO and natural gas mixture enters the primary reduction
2

reactor through a four-way flow reversing valve and is further preheated as it

flows upward through a packed bed heat regenerator prior to entering the

catalytic reactor A bypass arrangement may be included in the design to keep -

a constant temperature on the gases entering the reactor by continuously

bypassing a small quantity of cool gas mixture around the up-flow heat

regenerator The heat of reaction in this step is exothermic and is balanced

throughout the systefn A prooretary Katalyst, developed by Allidd Chemical, 1

L .%
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remains stable at temperatures up to 20000 F and operates generally at a

temperature above 1500*F. The main gas flow passes downward through a second

heat regenerator yielding its heat to the packing before leaving the system

through the four-way reversing valve. A heat balance can be maintained in the

system by bypassing a small flow of the reactor hot gases around the heat

regenerator and remixing with the main stream after the four-way valve before

entering the gas cooler/sulfur condenser. The heat regenerators raise the

temperature of the incoming gases so that the S02 /natural gas reaction is

initiated. The heating and cooling cycles of the two regenerators are

periodically reversed by use of the four-way valve.

A portion of the reactor heat is used to heat the entering S02/natural

gas mixture in an exchanger. The exit gases from the reactor may be too hot

and too corrosive for the metal exchanger, so they are tempered by mixing with

a portion of gases exiting the gas cooler/sulfur condenser before introduction

into the feed gas heat exchanger.

Elemental sulfur formed in the primary reduction step is condensed in two
shell-and-tube steam generating condensers. At this stage the condensed

sulfur represents somewhat over 40% of the total sulfur recovered. The

combined gas stream from the two condensers enters the first stasge of a Claus

conversion system where more sulfur is formed. The gases emerge at about 750-

800*F. The gas is cooled in a steam generating condenser condensing more

sulfur. Further conversion of H2S and SO2 to sulfur and water occurs in the

second stage Claus reactor at about 550-600°F with the sulfur condensed again

in another steam generator. The remaining gases proceed to a coalescer

containing mesh screens which remove liquid sulfur entrained in the gas.

Molten sulfur from all the condensers is collected in a sulfur holding pit and

transferred to sulfur storage at the Sulfur Recovery Unit.

Residual H2S in the exiting gases from the system are exhausted to the
boiler firebox where oxidation to SO2 occurs which recycles through the stack

gas scrubber.
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The desulfurized flue gas leaving the absorber is demisted of entrained

droplets by a water wash across a chevron demister and then reheated in the

heat exchanger. The reheated flue gas exits the stack at 380°F, which

eliminates any water vapor plume.
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FLUE GAS DESULFURIZATION UNIT

Design Basis

The flue gas is derived from the firing of residual fuel with 1.34 wt% sulfur

content, fired at a maximum rate of 3862 BPSD with 30% excess air.

Maximum flue gas to electrostatic precipitator: 1,089,882 lb/hr 0 450F

J.

Fly ash removed in electrostatic precipitator: 612 lb/hr

Flue gas to absorber containing 1500 ppm SO2 : 1,089,270 lb/hr

Flue gas from absorber containing 150 ppm SO2: 1,087,796 lb/hr

Sulfur recovered: 8.1 tons/day

184
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FLUE GAS DESULFURIZATION UNIT

Utilities and Chemicals

450 psig Steam Used 10,000 lb/hr (1)

Total power required 2,200 KW (2)

Natural Gas 128,200 SCFD

Makeup process water 100 GPM (3)

Cooling water circulated 2,400 GPM

Soda Ash makeup 221 lb/hr

Purge sodium sulfate/sodium sulfite 285 lb/hr

(for sale)

Notes: (1) Approximate, when the flue gas heat exchanger is used

(2) Approximate from SRI data

(3) Includes 3% makeup of cooling water circulated

185I
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FLUE GAS DESULFURIZATION UNIT

Major Equipment
p

Stanford Research Institute (SRI) information was used to develop capital

and operating requirements. No detailed design was obtained since the design r

would be done by an engineering company (Davy Powergas) that sells the process

and design.

Some adjustments were necessary to scale the SRI case to our unit size.

Also their case was based on 300F flue gas from a power boiler with extensive

flue gas economizer heat exchange. Our entering flue gas temperature is 450*F

which made a gas-to-gas heat exchanger necessary. This cools the inlet gas to
200*F and reheats the exit flue gas to 380*F. Reheating of scrubbed flue gas
is necessary to prevent condensation of a stack plume near the ground. The

heat exchange eliminates hot air injection into the stack proposed by SRI.

186I%
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TANKAGE DESIGN BASIS
p

All tankage specifications were based on refinery flow rates that were

calculated for the production of JP-4 turbine fuel. The economic basis

established by the U.S. Air Force included the following inventory

specifications:

Crude inventory: 21 days storage capacity

14 days inventory

Product inventory: 14 days storage capacity

7 days inventory

INTERMEDIATE PRODUCTS

Although separate tankage for intermediate refinery products was excluded

purposely from the design basis at the direction of the U.S. Air Force, a plan

was developed for their potential emergency storage. The plan designates part

of the crude oil tank allotment as alternate emergency storage for

intermediate products. Each intermediate stream that needs storage capacity

is assigned to a tank, which is available for optional crude storage also.

Since the design basis allowed for 21 days of crude storage capacity, but only

required an inventory of 14 days, the extra seven days of inventory capacity

could easily be put into this alternate service, especially if the refinery

were supplied by pipeline.

The basis for sizing the intermediate tankage is a capacity of 3.5 days

at half the normal flow rate.

Intermediate tankage is provided for the stabilized liquid feedstocks for

each of the hydroprocessing units in the event of a downstream unit shutdown

This includes the feedstock for the Hydrovisbreaker, Naphtha Hydrotreater,

Distillate Hydrotreater, and the combined Distillate Hydrocracker and Main

Fractionator.

%.'
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The basis for sizing intermediate tankage assumes that in the event of an

emergency shutdown at one of the units, the production rate at upstream units

would be cut in half. Consequently, the stabilized feedstock to the affected

unit would be stored at half its normal production rate for up to 3.5 days.

JP-4 VERSUS JP-8 OPERATIONS

Because refinery operations upstream of the Distillate Hydrocracker and

Main Fractionator are identical for both the JP-4 and JP-8 operations, the

crude and intermediate tankage requirements are the same for both modes of

operation.

However, in switching from JP-4 to JP-8 operations, the rate of naphtha

proauction will increase. During JP-4 production the Dehexanizer bottoms,

which boils nominally in the range of 120 *-275*F, is added to the JP-4

product. But this material boils below the acceptable range for JP-8 turbine

fuel, so during JP-8 production, the Dehexanizer is shutdown and the 120*-

275*F distillate is routed to naphtha storage. Consequently, the naphtha

storage tanks are specified to satisfy storage requirements for the JP-8

operations.

HYDROVISBREAKER VACUUM RESIDUUM

The pilot plant sample of Hydrovisbreaker vacuum tower bottoms, which

represents the refinery Residuum product, did not blend with normal cutter

stocks to a lower viscosity because it was of such a high-boiling nature.

Therefore it is stored at 400-450°F to maintain it in a fluid state for use

principally as furnace fuel oil for the process heaters and refinery boiler

furnace.

BUTANE STORAGE
0

Since all butane is consumed as either feedstock for the Hydrogen Plant

or as fuel for the Hydrogen Plant reformer furnace, the product storage

capacity was somewhat arbitrarily reduced from 14 days to 3.5 days.

1I
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T.,'KAGE SPECIFICATIONS

Crude Oil Tankage

Number of tanks: 5
Operating temperature: 150F

Diameter: 142 ft.
Height: 56 ft.
Volume: 157,956 BBL per tank (789,779 BBL total)

Roof: Covered floater
Other features: Heated and insulated

Crude oil storage capacity: 15.29 days at 51653 BPD at 150°F

Intermediate Hot Tankage

In addition to the stream designations listed below, these "hot'
intermediate storage tanks are to be considered as optional storage
capacity for Crude Oil.

Tank designations:

1. Hydrovisbreaker feed (crude unit vacuum residuum)
2. Distillate Hydrotreater feed
3. Distillate Hydrotreater Depropanizer bottoms (Dist. Hydrocracker
Feed)

Number of tanks: 3
Operating temperature: 200*F (or 150*F if crude oil storage)

Operating pressure: atmospheric
Diameter: 100 ft.

Height: 56 ft.
Volume (per tank): 439,823 cu.ft. = 78,336 BBL

Volume total (3 tanks): 1,319,469 cu.ft. = 235,008 BBL
Roof: Covered floater

Other features: Heated and insulated
Crude oil capacity: (at 51653 BPD crude at 150°F)

1 tank: 1.52 days
3 tanks: 4.55 days
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TANKAGE SPECIFICATIONS
(continued)

Intermediate Cold Tankage

In addition to the stream designations listed below, these 'cold*
intermediate storage tanks are to be considered as optional storage
capacity for Crude Oil.

Tank designations:

1. Naphtha Hydrotreater Feed
2. Naphtha Hydrotreater Stripper Bottoms

Number of tanks: 2
Operating temperature: 100°F (or 150°F if crude oil storage)

Operating pressure: atmospheric
Diameter: 82 ft.

Height: 32 ft.
Volume (per tank): 168,993 cu.ft. = 30,099 BBL

Volume total (2 tanks): 337,986 cu.ft. = 60,198 BBL
Roof: Covered floater

Other features: Heated and insulated for optional crude use
Crude oil capacity: (at 51653 BPD crude at 150*F)

0.58 days for 1 tank
1.16 days for 2 tanks

Note on Intermediate tank sizing:

Each tank exceeds the minimum storage requirement for the
intermediate products listed above, which consisted of 3.5 days
storage at half-flow rate of intermediate product. The tanks were
sized larger to satisfy the overall crude oil storage capacity of
21-days.

Summary of Crude Oil Storage Capacity

Basis: Crude oil at 51653 BPD at 150°F storage (50,000 Std. BPD)

Tankage Capacity

Crude oil tanks (5): 789,779 BBL (15.29 days crude)
Hot intermediate tanks (3): 235,008 BBL ( 4.55 days crude)
Cold intermediate tanks (2): 60,198 BBL ( 1.16 days crude)-N

Total crude tankage: 1,084,985 BBL (21.00 days crude)

I
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TANKAGE SPECIFICATIONS
(continued)

Product Tankage

Butane Product sphere

Number of spheres: 1
Operating pressure: 50 psig

Operating temperature: 100OF
Design pressu;-o: 75 psig

Design temperature: 650OF (carbon steel)
Diame.er: 65 ft.

Volume: 143,793 cu.ft. = 25,611 BBL
Shell thickness: 1.250 in. (includes 0.1820 corrosion

allowance)
Sphere weighit: 678,610 lb.

Note that all butane product will be
consumed consumed as either hydrogen plant
feedstock or hydrogen plant fuel.

Naphtha Product tankage

Number of tanks: 1
Operating temperature: 100OF

Operating pressure: atmospheric
Diameter: 114 ft.

Height: 56 ft.
Volume (per tank): 571,594 cu.ft. = 101,805 BBL

Roof: Covered floater

Jet Fuel Product tankage

Number of tanks: 4
Operating temperature: 100OF

Operating pressure: atmospheric
Diameter: 143 ft.

Height: 56 ft.
Volume (per tarik): 899,394 cu.ft. = 160,188 BBL

Roof: Covered floater

Residuum Product tank;:. j

Number of tanks: 1
Operating temperature: 450*F

Operating pressure: atmospheric
Diarot r: 81 ft.

Height: 32 ft.
Vo Ic(s: 164,896 cu.ft. 29,369 BBL

Rot)f: Cone roof
Other featuros: Heated and insulated

192
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TANKAGE SPECIFICATIONS
(continued)

Sulfur Product storage (14 days total storage capacity)

Sulfur pit:

Location: Below grade, under the sulfur recovery unit
Rectangular dimensions: 20'long x 20'wide x 8'deep

Storage capacity: 3200 cu.ft. = 570 BBL
Construction material: Either concrete or steel, lined with common

brick in acid-proof cement
Pit cover: Carbon steel plate

Operating temperature: 260 - 280*F
Pit heating: 75 psig steam coils

Sulfur Product tankape: .
Number of tanks: 1

Operating temperature: 260 - 2800 F e
Operating pressure: atmospheric

Tank diameter: 57 ft. 0
Tank height: 16 ft.

Head of sulfur at base: 12.4 psi max.
Volume: 40828 cu.ft. = 7272 BBL

Roof: Cone roof
Tank heating: 75 psig steam coils (25 sq.ft. heating

surface per sq.ft. of tank wall and roof)
Other: Insulate entire outer shell and roof

Ammonia product storage sphere

Number of vessels: 1 0
Type vessel: Sphere

Operating temperature: 100*F
Operating pressure: 200 - 210 psig
Design temperature: 650*F (carbon steel)

Design pressure: 225 psig
Diameter: 42 ft. p

Volume: 39,000 cu.ft.
Shell thickness: 2.25 in.

Total weight: 510,000 lb.
Storage capacity: 7 days of ammonia production

- 193 - :
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TURBINE FUEL REFINERY

CAPITAL COST ESTIMATE

BASIS

The accompanying capital cost estimate for the Turbine Fuel Refinery is U
based upon the following:

1. The location of the refinery is Salt Lake City, Utah.

2. Mechanical completion occurs during the fourth quarter of 1985.

3. Estimates for the following onsite plants are based on specified ..

equipment lists and flow diagrams:

a. Crude Unit

b. Hydrovisbreaker

c. Naphtha Hydrotreater

d. Distillate Hydrotreater

e. Disti llate Hydrocracker

f. Gas Plant

g. Low Pressure Amine Unit

4. Estimates for the following onsites plants were factored from historical

plant costs, with the exception of specified compressor systems for the

Hydrogen Plant and Hydrogen Purification Unit:

a. Hydrogen Plant

b. Hydrogen Purification Unit I
c. Sour Water Stripper and Ammonia Plant

d. Sulfur Recovery Unit

e. Flue Gas Desulfurization Unit

5. Tankage estimates were based on specified tank sizes.

A-3
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6. The cost of off-sites excluding tankage was assumed to be 45% of the

total installed on-site cost estimate.

7. All work is to be accomplished in a standard work week with no overtime.

8. This estimate is for economic evaluation and comparison only.

9. Capitalized spare parts are included as one percent of major equipment

cost.

10. In general, royalties, catalysts and chemicals are not included in this

estimate. However, the initial loading of molecular sieves for the

Hydrogen Purification Unit are included in the cost.

11. Offsites have been estimated as 45% of the total onsite installed costs

at the request of the U.S. Air Force.

J6
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TURBINE FUEL REFINERY

CAPITAL COST SUMARY

ONSITES Installed Cost1

Crude Unit........................................... 3 19,968,000

Hydrovisbreaker Unit ................................... 168,119,000

Naphtha Hydrotreater Unit ............................... 24,154,000

Distillate Hydrotreater Unit............................ 140,183,000

Distillate Hydrocracker Unit............................ 94,724,000
Gas lan ... ... ... .... ... .... ... ... .... ... ... ,38 ,00

Hyasge Plant........................................... 9,30,000

Hydrogen Purification Unit.............................. 60,915,000

Low Pressure Amine Unit................................. 3,079,000

Sour Water Stripper and Ammonia Plant.....................33,091,000

Sulfur Recovery Unit.................................... 37,119,000

Flue Gas Desulfurization Unit........................... 54,328,000 "

Total Onsites ..................................... 8 744,135,000

o FFSITES

Tankage..............................................S8 45,061,000

Other: Specified by U.S. Air Force

as 45% of onsite costs........................ 334,861,000

SPARE PARTS............................................... 1,498,000

ROUND UP TO NEAREST MILLION DOLLARS........................ 445,000

TOTAL REFINERY INSTALLED COST ..........................S 1,126,000,000

1Based on 4th Quarter 1985 prices, Salt Lake City, Utah location
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSHEET OAtE:16-mar-87

PROJECT: TURIINE FUELS PROJECT
C'RUOE uNIT

ESTIMATE NO: 7263 IV: J.T.NARLAN
JOB NO: B48768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT GIOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST................................................................................................... ..............................

ESTIMATE SLUARI

270P TOWERS 1 358,400 S1,433,600

3003 REACTORS

320A AIR COOLED MEAT EXCHANGERS 37,000 $160,200

320S SMELL & TUBE NEAT EXCHANGER$ 14 742,700 12.814600 1

370H4 FIRED HEATERS 2 1,198.500 S2,696,600 h

400? TANKS

400V VESSELS 7 656,700 S2,6..6,i00

450C COMPRESSORS

450P PUMPS 16 427,000 52,028,500

480 MISC. EQUIPMENT
CROLL REYNOLDS STM JET SYS 1 10,000 S22,500
UNION CARBIDE N.P.U.
W L/DP/ACP/SRI SYSTE1S4
ELEC. PRECIP. & FLY ASH COLL. SYS -4

CHEVRON W.W.T PROCESS SYS.
RALPH. M. PARSONS CO. SYSTEM ..... .............. ............... •P °

A TOTAL MAJOR EQUIPMENT 41 3,430,300 3.45 S1,832,00
.................................. .

600 INSTRLNENTS 1S x 1.1. 514,500 4.00 12,C58,_Z0

620 INSULATION

ROUNDING :S-0)

..... .. ..... =

A-$ TOTAL DIRECT INSTALLED COST S1.,890-3

HOME OFFICE COSTS 15 5 D.I.C. $Z,08.,00

800 CATALYST & CHEMICALS

SUI TOTAL S15,974. 200

CONTINGENCY 25 S3,9Q 1.CO

ROYALTIES

TOTAL INSTALLED COST 4/0/85 S'9.968 ZCO

ESCALATION % /YR. FOR YEAR

............ . %.,.
TOTAL INSTALLED COST 4/0/8s S19,068. "o

e.',
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SUm REFINING AND MARKETIG CO. P. E. T. S. FACTORED ESTIMATE WORKSHEET DATE:6.Mar 87

PROJECT: TURBINE FUELS PROJECT

CRUDE UNIT
ESTIMATE NO: 7263 IT: J.T.MARLAN
JoS NO: 548768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

270P TI VACUM TORWE 650 F FULL VAC. 1 300,000 3 % 15,600 358,400 358,400 4.00 4.00 4.00 S1,433,600
12.5- x 63' CS/CS W/SKIRT 122,0000
SOURCE: HOOTER
TRAYS: VALVE TYPE ALLOY OTT 30 32,800
SOURCE: MUTTER

320A E1Z RECTCLE CLR. 350 F 50 P$IG 1 34,000 3 % 2,000 37,000 37,000 4.10 5.00 4.33 S160,2'0
1 - 12* X 20, BAY CS
SOURCE: HAPPY

320S El CIRC REFLUX-DESALT FO. AES 450 F 2 72,200 3 Z 2,900 77,300 154,600 3.50 4.80 3.83 $592.00
450 PSIG 7,600 SF CS/CS
SOURCE: WESTERN

E2 FLASH TWRt OH CONO AJS 450 F 1 57,000 3 Z 2,300 61,000 61,000 3.50 4.80 3.83 233,6c0
450 PSIG 6,000 SF CS/CS
SOURCE: WESTERN

E3 FLASH TWR PRENTR 01 AJS 450 F 1 24,200 3 X 1,000 25,900 25,900 3.50 4.80 3.13 S99,200
450 PSIG 2,200 SF CS/CS
SOURCE: WESTERN

E4 FLASH TWR PRENTR 02 AES 55OF 1 21,350 3 % 900 22,900 22,900 3.50 4.80 3.83 187,700
450 PSIG 1,940 SF CS/CS
SOURCE: WESTERN

E5 FLASH TWIt PREHTR 03 AJS 62SF 1 47,500 3 x 1,900 50,800 50,800 3.50 4.80 3.83 S194,6C0
450 PSIG 5,000 SF CS/CS
SOURCE: WESTERN

E6 FLASH TWR PRENTR 9 AES 62SF 2 105,000 3 % 4,200 112,400 224.800 3.50 4.80 3.83 $861,CCC
400 PSIG 6,730 SF CS/SCRt
SOURCE: WESTERN

E7 CIRC REFLUX TRIM CLR AES 300F 1 21,500 3 % 900 23,000 23,000 3.50 4.80 3.83 $ , Z3
75 PSIG 760 SF CS/AONIRALTY
SOURCE: WESTERN

E8 NAPTHA PRO CLR AES 300F 1 43,200 3 % 1,700 46,200 46,200 3.50 4.80 3.83 S-6,;:0
7S PSIG 2,400 SF CS/ADMIRALTY
SOURCE: WESTERN

E9 VAC TW1 OH COMO AES 300F 1 36,000 3 % 1,400 38,500 38,500 3.50 4.80 3.83 S I't. 7,5

•10 TOo75 PSIG 2,000 SF CS/ADMIRALTY

SOURCE: WESTERN

EIO FRESH - SALT WTI EXCH AES 350F 2 24,730 3 % 1,000 26,500 53,000 3.50 4.80 3.83 $23.
600 PSIG 88O SF CS/CS
SOURCE: WESTERN

ElI DESASTER EFF VTR CLI AES 3001F 1 39,200 3 % 1,600 42,000 42,000 3.50 4.80 3.83 $' .,9ZO
400 PSIG 1,400 SF CS/ADMI[RALTY
SOURCE: WESTERN

370H HI FLASH TWO FEED 99.2 H bTU/R 1 1,115,000 3 % 50,000 1,19,00 1,198,500 2.00 3.00 2.25 %2.66.6:3
HZ FLASH TWO FEED 46.2 HI STb/R I
SOURCE: BOURNE

%--
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SuN REFINING AND MARKITING C"3. P. 1. T. S. FACTORED ESTIMATE WDiKSEIT DATE:16mair-$?

PROJECT: TURBINE FUELS PRO. ECT
CRUDE UNIT

ESTIMATE I0o: 7263 ST: J.T.MARLAV

jo, NO: &48769 FOR: L. MAGILL

cost DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION QTY OT ALLOW. FREIGNT COST COST LOW NIGN USED COST

40OV vi RECYCLE SURGE D LM 350 F 50 PSIG 1 12.500 3 % 1.7a 14,600 14,600 4.00 4.10 4.03 s58,'e0
7.5- X 16 CS/CS W/S OLES 9.7000
SOURCE: BUFFALO

v2 DESALTER 350 F 350 PSIG 2 154,000 3 1 30,500 189,100 378,200 4.00 4.10 4.03 SI,524,i0c
12' X 521 CS/CS W/SADOLES 175,0008
SOURCE: BUFFALO

V3 FLASK TI 625 F 50 PSIG 1 52,500 3 IS 4,700 58,800 58,800 4.00 4.10 4.03 %237. O
91 9 25,' CS/CS W/SKIRT 24,0009
SOURCE: BUFFALO

v4 VAC TWR ON REC 250 F 50 PSIG 1 4.000 3 Z 350 4,500 4,500 4.00 4.10 4.03 sl8,"-0

3.51 X 6' CS/CS W/SADDLES 1,6009
SOURCE: BUFFALO

VS FEED SURGE TANK 300 F 50 PSIG 1 167,500 3 3 17,300 189,800 189,800 4.00 4.10 4.03 S764,900v
16' X 65' CS/CS W/SKIRT 106,0009
SOV- -1: BUFFALO

v6 STEU DRUM 400 F 200 PSIG 1 9,500 3 3 1,000 10,800 10,800 4.00 4.10 4.03 S43,500

5- X 10' CS/CS W/SAODLES 6,2009
SOUCE: BUFFAL 

.p

450P P1 CRUE CYCLE FEED CS/iIl NOR 2310 2 63,000 3 3 1,000 65,900 131,800 4.00 7.00 4.75 1626,100
GP ISCR 350 PSIG DELTA 350 PSI-8
PUMP TEP 17' F 8 0.91 S
MOTOR NP M25 8 3600 RPM
SOURCE: UNITED

P2 RECLE DILIT CS/12CR HOR 600 GPM 2 10,950 3 t 220 11,500 23,000 4.00 7.00 4.75 V:Z9.300

DISCH 4S PSIG DELTA 45 PSI 135' Ip

PUIP TEMP 250 F 2 0.77 SG
MOTOR NP 35 2 3600 RPM
SOURCE: UNITED

P3 VAC TIM FEED CS/12CR NOR 1940 GPU 2 32,300 3 I 450 33,700 67,400 4.00 7.00 4.75 S320. , :

DISCH 173 P$5G DELTA 165 PSI - 4701
PUMP TEMP 572 F 2 0.81 SG
MOTOR NP 310 a 3600 kI'
SOURCE: UNITED

P4 CIRC REFLUX CS/12CR N 28.3 GPM 2 21,300 3 11 350 22,300 44,600 4.00 7.00 4.75 s211;%

DISCH 8S PSIG DELTA 80 PSI - 2331
PUMP TEMP 36 F a 0.79 SG
MOTOR NP 130 a 3600 RP14
SOLACE: UNITED

PS REDID CRUDE CS/12CIt HOR 1600 GPN 2 28,000 3 3 450 29,300 58,600 4.00 7.00 4.75 s278,.:3
OISCM 115 PSG DELTA 122 PSI - 3361
PUMP TEMP 595 F a 0.83 SO
MOTOR NP 205 a 3600 RPN
SOLACE: UNITED

P6 VAC TUE ON C CS/I7M NOR 28.3 CPN 2 8,000 3 3 150 8,400 16,800 4.00 7.00 4.75
DISCN 70 PSIG DELTA TO PSI - 192
PUM TEMP 10S F 8 0.84 SG
MOTOR HP 2.6 a 3600 RP P
SOURCE: UNITED

A0 V



SUN REFINING AND MARKETING CO. P. 1. T. S. FACTORIED ESTIMATE WORKSHEET DATE:16-gar.87

PROJECT: TURBINE FUELS PROJECT
CRUDE UNIT 6

ESTIMATE NO: 7263 BY: J.T.MARLAN

• HO s48768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTY @UOTE ALLOW. FREIGHT COST COST LOW HIGH USED cost

PT DES W.W. ISTR CS/12CR NOR 150 GPM 2 8,400 3 z 150 8,800 17,600 4.00 7.00 4.75 t83,6,0
DOScH 355 PSIG DELTA 75 PSI - 188'
PUMP TEMP 300 F 2 0.92 SG
MOTOR NP 14.6 a 3600 RPM
SOURCE: UNITED

PS DES W.W. FEED CS/12CR NOR 150 GPM 2 32,200 3 Z 450 33,600 67,200 4.00 7.00 4.75 $319,200
DISCm 335 PSIG DELTA 335 PSI - 786'
PUMP TEMP 140 F 2 0.98 Sr
MOTOR HP 53 a 3600 RPM
SOURCE: UNITED

480 STEAM JET VACUUM SYS 1 9,500 3 1 200 10,000 10,000 2.00 3.00 2.25 S22,.:3

665 GPM FLOW
SOURCE: CROLL REYNOLDS

U,
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SUM REFINING AMD MARXETING CO. P. E. 1'. S. FACTORED ESTIMATE WORKSHEET DATE:16 owar

PROJECT, TURBINE FUELS PROJECT
NAPTNA HYOROTREATERBY .NAL d

ESTIMATE NO: 7269 FOR: L. MALAL

jOB Mo: s48768 F:. M..IL]

COSi DESIGN LiNit MATERIAL FACTOR INSTALED Nil

CODE DESCRIPTION OT QUOT ALLW. FREIGHT COST COST L HIGH USED COST I
.................... ....................................................................................................... ...............

| ~ ~ ~ ~ ~ ~ ETMT ESUMTMA"RY9FO:L.MGIL• i

........................ *..

27DP TOUERS 2 59.0 1,TO

3003 REACTORS 1 603,900 S2,415,600 .

320A AIR COOLED HEAT EXCHANGERS 5 307,600 S1,331,90

320S SWELL & TUBE HEAT EXCHANGERS 14 1,193,500 S,51,800

370 FIRED NEATERS 3 475,900 %951.800

400T TAN K;S •

400V VESSELS 9 263,700 S1,062,700

450C COMPRESSORS 1 365,200 S177,900

450P PUMPS 16 427,600 S2,031,300

46 MISC. EQUIPMENT
CROLL REYNOLDS STV JET SYS
UNION CARBIDE M.P.U.
W- L/DP/ACP/SRI SYSTEMS -

ELEC. PRECIP. 9 FLY ASH COLL. SY-
CHEVRON w.U.T PROCESS SYS.
RALPN M. PARSONS CO. SYSTEM

i,..... .............. ..................... "'-

A TOTAL MAJOR EQUIPMENT 49 3,958.800 3.64 S14,427,600

600 INSTRUMEmNS 13 X x.E. 593,80 4.00 s2,375,200 5

620 INSULATION

RcUNOUING 1220

A-8 TOTAL DIRECT INSTALLED COST S16,833,,20

HONE OFFICE COSTS 13 1 D.I.C. S2,520,- 20 -

o00 CATALYST 9 CHEMICALS ".

SUN TOTAL 119,323_:0,

CONTINGENCY 2512 4,83.,,0

ROYALTIES ,-*

TOTAL INSTALLED COST 4/0/85 124, 54,2CC

ESCALATION 1r /T. FOR YEAR

TOTAL INSTALLED COST %/0/8 t2;. ",

A-1I
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSHEET ATE:16-Mar-87

PROJECT: TURBINE FUELS PROJECT
NAPTKA HYOROTREATER

ESTIMATE NO: 7269 BY: J.T.MARLAN
jog No : l48768 FOR : L . MAGILL
COST DESIGN UNIT MATERIAL FACTOR I.S.ALLED

CODE DESCRIPTION QTY QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST
270P Ti FEED SPLITTER 650 F 73 PSIG 1 142,.00 3 % 11,.00 182,100 182,100 4.00 4.00 4.00 S728,400

9, x 74, CS/CS Wa/SK(IRT 68.00001

SOURCE: HOOTER
TRAYS: VALVE TYPE ALLOY OTT 30 24,000
SOURCE: NUTTER-TZ STR IPPER 650 F 200 P5 IG 1 110, 600 3 1 i 6 ,600 137 300 137 ,300 4 .00 4 .00 1..0O S549. 200

6' x 56, CS/CS W/SKIRT 50.0000
SOURCE: WOOTER
TRAYS: VALVE TYPE ALLOY OTT 36 17,000 o

SOURCE: NUTTER

300R RI NAPTHA RYT REACTOR 775 F 1815PSIG 1 556,200 3 % 31,000 603,900 603,900 4.00 4.00 4.00 S2,415,6C0
8.5' X 22'2.25CR W/O'LAY 185,.000
SOURCE: ROOTER
PACKED 3ES QTY 2
SOURCE:

320A E2 SPLITTER COMD. 650 F 75 PSIG 1 60°700 3 % 62,500 62,500 4.10 5.00 4.33 $270,600
1 - 12' X 36' BAY CS
SOURCE: HAPPY

E6 R1 EFFLUENT A/C 650 F 1630 PSIG 1 186,360 3 1 192,000 192,000 4.10 S.00 4.33 Sta3,400
2 - 18' X 401' BAYS 410 SS
SOURCE: HAPPY

El STRIPPER COW. 650 F 200 PSIG 1 51,600 3 1 53,100 53,100 4.10 S.00 4.33 S229,900
1 - 12' x 36' BAT CS
SOURCE: HAPPY

320S El FEED BOTTOMS AES 650 F 150 PSIG 3 15.000 3 1 15,500 46,500 3.50 4.80 3.83 S178,100
1120 SF CS/CS
SOURCE: HUGHES ANDERSON

E3 RI EFF A CLR AES 850 F 1395 PSIG 3 197,400 31 203,300 609,900 3.50 4.80 3.83 S2,335,900

1440 SF ItR O'LAY / 347

SOURCE: HUGHES ANDERSON

E4 Rl EFF NAPTHA AES 650 F 140 PSIG 2 150,500 3 1 155,000 310,000 3.50 4.80 3.83 31,1 R300
1100 SF ICR O'LAY / 3.7
SOURCE: HUGHES ANDERSON

E5 RI EFF STM GEM AKT 650F 1315 PSIG 1 52,000 3 1 53,600 53,600 3.50 4.80 3.83 S205,300
1250 SF CS/CS
SOURCE: WESTERN

E7 STRIP'R FO ITMS AlES 650F 300 PSIG 5 34,050 3 1 35,100 175,500 3.50 4.80 3.83 &672,2-C
1764 SP CS/CS
SOURCE: WESTERN

'.3

3%

%,'

.1'
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WKSHEET ZATE:'6-ar-87

PROJECT: TURBINE FUELS PROJECT P%

HPIMA HYDROTIEAIER
ESTIMATE NO: 7269 BY: J.T.,ARLAN

jOl No: s438766 FOR: L. M-AGILL

COST DESIGN UNIT MATERIAL FACTOR :kSTAL,
OIDE DESCRIPTION QTY QUOTE ALLOW. FREIGHT COST COST LOW 1IGN USED COST

37M lSPITE EVLE 0. M T/H 1 17,0 3%161,700 161,700 2.00 2.00 2.00 %323,-00..q

SOURCE BORN:

2 RECYCLE GAS HTR 23.34 Mm BTU/NR 1 155,000 3 1 159,700 159,700 2.00 2.00 2.00 S319,4-o "%

SOURCE BORN:

MS STRIPPER REBOILER 188 MMTUw 1 1000 3X1450 145020 .020 3-,Z
SOURCE BORN:

400V Vl FEED DRUM 650 F 40 PSIG I 35,500 3 1 4,800 41.400 41,400 4.00 4.10 4.03 S166800 ,.
10' x 32' CS/CS W/SKIRT 24,5005
SOURCE: BUFFALO ,

V2 SPLITTER SEPARATOR 650 F 50 PS10 1 14,000 3 1 1,700 16,100 16,100 4.00 4.10 4.03 %4,;3J -J

8' X 16' CS/CS V/SADDLES 8,2009
SOURCE: BUFFALO

V3 CEOP. K 0 DRU 300 F 1650 PS1 1 18,000 3 % 2,100 20,600 20,600 4.00 4.10 4.03 $83,:ZO ,
3- X 10' CS/CS V/SKIRT 12,0009 '.,

SOURCE: NOOTER

V4 HI PRESS SEP 300 F 1650 PSIG 1 76,500 3 1 8,550 87,300 87,300 4.00 4.10 4.03 S351,800
5.5. X 18' CS/CS V/SKIRT 51,0000
SURCE: NWOOTER e

VS LOW PRESS SEP 300 F 175 PSIG 1 30,600 3 1 4,600 36,100 36,100 4.00 4.10 4.03 S145,500
8' x 25' CS/CS W/SADDLES 28,0000
S UJRCE: BUFFALO 

,

V6 STRIPPER RECIR 650 F 200 PSIG 1 17,060 3 1 2,300 19,900 19,900 4.00 4.10 4.03 180,210
5' X 20' CS/Ct W/SADOLES 10,000,
SOURCE: BUFFALO

vT STEAM DRU1M 650 F 200 PS3G 1 14,000 3 1 1,900 16,300 16,300 4.00 4.10 4.03 S65.,-
5' X 15' CS/CS V/SADDLES 8,0009
SOURCE: BUFFALO

vS STEAM DRU" 650 F 200 PSIG 1 12,500 3 1 1,000 13,900 13,900 4.00 4.10 4 3
4' X 12' CS/CS W/SADDLES 4,5000 

1--0

SOURCE: BUFFALO

v9 STEAM CRU4 650 F 200 PSIG 1 11,000 3 1 800 12,100 12,100 4.00 4.10 '.03 s-...
"
: 4

4' X 8' CS/CS V/SADDLES 2,900 -
SOURCE: BUFFALO

%I
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Suw REFINING AND AREETIh T. P. E. T. S. FACTORED ESTIMATE OR[SMEET ZE:6-ar87

PROJECT: TURBINE FUELS PROJECT
NAPtHA HYDROTREATER 0

ESTIMATE NO: 7269 BY: J.T.HARLAM
JOB NO: 848768 FOR: L. -AGILL.............................................................................................................................. ..O T E I U T MA R ALF T R k AL D

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTIO 2TY QUOTE ALLOW. FREIGHT COST COST LOW 141GH USED COST

.SOC K1 RECYCLE COMP. CENT. 800 SHP 1 340,000 3 % 350,200 365,200 2.00 2.50 2.13 ST77,9CO
54,293 SCFM a 1.38 K L 777 MOLE 'Ti
SUCT. 108 F 8 1190 PSIA
DISCM. 126 F 2 1325 PSIA
SPARES: 15,000
SOURCE: I R

450P Pl FEED PU4P CS/12CR m00 387 GPM 2 12,200 3 % 12,600 25.200 4.00 7.00 4.75 S119.7D0
OISCH 60 PSIG DELTA (0 PS - 1801
PUMP TEMP 332 F a 0.5 SG
MOTOR MP 25 a 3600 RPM
SOURCE: UNITED

P2 SP.T'R BTMS 12CR/12CR HOR 265 GPM 2 17,400 3 % 17,900 35,800 4.00 7.00 4.73 s170,1-0
DISCH 100 PSIG DELTA Y2 PSI - 308'
PFMP TEMP 594 F a 0.09 SG
MOTOR WP 25 a 3600 RPM
SOURCE: UNITED

P3 REILI PUMP 12CR/I2CR ho 1000 GPM 2 21,600 3 % 22,200 44,400 4.00 7.00 4.75 S210,900
DISCN 70 PSIG DELTA 62 PSI - 2081
PUM TEMP 574 F 2 0.69 sG
MOTOR NP 70 3 3600 k4Pi
SOJRCE: UNITED

P4 SPLTR REF 12CR/IZt NOR 211 GPM 2 11,600 3 5 11,900 23,800 4.00 7.00 4.75 S113,100
DISCN 68 PSIG DELTA 68 PSI - 204'
PUMP TE 259 F 2 0. 7 SG
MOTOR NP 20 a 3600 RF'TM
SOURCE: LNITED

PS REACTOR FEED CS!rlR OLR 541 GP" 2 102,700 3 % 105,800 211,600 4.00 7.00 4.75 $V.:5,'.^
DISCH 1370PSIG DEL

T
A 1,370Ps1 - 4187'

PUMP TEM4P 150 F 2 0.75 SG
MOTOR MP 700 8 3600 rfm
SOURCEV UNITED

P6 STRIPPER CNC CS/'?re wA 327 GPM 2 14,000 3 1 14,400 28,800 4.00 7-0 4.7 S'6
DISCM 270 PSIG DELIA 12U PSI - 360'
PUMP TEMP 116 F 2 0. .3 SG
MOTOR MP 75 2 3600 A PM
SOURCE: UNITED

.1
P7 STRPR RERLD CS/12C NOR 586 GPM 2 17,400 3 % 17,900 3S,800 4.00 7.00 4.75 110.
DISCM 243 PSIG DELTA l PSI - 313'
PUMP TEMP 4"5 F a 0.56 SG
MOTOR HP 73 B 3600 RP%
SOURCE: UNITED

P8 STRPR REFLX CS/C1 C2 105 GPw 2 10,780 3 % 11,100 2,200 4.00 7.00 4.73 15,'0
DISCH 211 PSIG DELTA cl TSI - 270'
PL44P TEMP 114 F 3i 0.52 SC.
MOTOR 4P 10 2 3600 .r4i

SOURCE: L.NITED

J.

-"

-o,

a,



SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE OiRKSHEET DATE:16-mor-87

PRIOJECT: TURINE FUELS PROJECT
HYDROVI S8REAK1ER

ESTIMATE NO: fl73 BY: J.T.ARLAN

.011 NO: W45768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

ESTIMATE SUMMARY
..................................................

270P TOWERS 4 1,619,200 %6,476,830

300R REACTORS 3 9,360.000 $37,440,Co0

320A AIR COOLED HEAT EXCHANGERS I 114,400 1495,,0

320S SHELL & TUBE HEAT EXCHANGERS 26 5,053,500 S'9,354,800 pa

370H FIRED HEATERS 3 2,756,000 $S,5'2,zCO p

40OT TANKS 3 353,800 $707 ,6O

41OV VESSELS 13 4,354,O00 S17,26,, 6C

450C COMPRESSOIRS 3 1,466,400 $3,1i23,.0

450P PU4PI 32 2A,46 1 1 S10,197, 600

480 MISC. EQUIPKENT
CROLL REYNOLDS STM JET SYS 1 15,TO0 135,300
UNIOl CARBIDE H.P.U.
w-L/DP/ACP/SRI SYSTEMS
ELEC. PRECIP. & FLY ASH COLL. TS
CHEVRON W.W.T PROCESS SYS.
RALPH N. PARSONS CO. SYSTEN ,'

..... ......... ..... ............... . .

A TOTAL MAJOR EQUIPMENT 89 27,24 ,500 3.69 S'00,607,5.

6,)0 INSTRUIENTS 15 % N.E. 4,086,100 4.00 V6,344.0 3

620 INSULATION

ROUND I HG

A-S TOTAL DIRECT INSTALLED COST 1 63.2. L

HOME OFFICE COSTS 15 % D.I.C. 5.3 20 I
800 CATALYST £ CHEMICALS

TOTAL S'34.Q5 z"

CONTINGENCY 25 Z 3.~.f

ROYALTIES

TOTAL INSTALLED COST 4/0/l $',''Q' I
ESCALATION % /YR. FOR VEAl

TOTAL INSTALLED COST 4/a/85 S''> 2:*

%

.. ,
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SUN REFINING AND MARKETING CO. P. E. T. 5. FACTORED ESTIMATE hORKSNEET DATE:16-Mar-87

PROJECT: TURBINE FUELS PROJECT
H YDROVI1SBRFEIIEImyT|KATE SS: 7KE J BY: J.T.MARLAN

ESTMAT NO: 4.7273 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR IMNSTALLED

CODE DESCRIPTIONI QTY QUOTI ALLOW/. FREIGHT COST COST LOWl HIGHI USED COST

270P TI MINE ABSORBER 650 F 2,700 PSG 1 920,000 3 % 9,400 977,000 977,000 4.00 4.00 4.00 13,908,000
5.5- x 50' CS/CS V/SKIRT 285,0008
SOURCE:
TRAYS: VALVE TYPE 12CR OTY 20 20,000
SCLRCE:

T2 AMINE STILL 650 F 75 PSIG 1 46,200 3 1 700 68,300 68,300 4.00 4.00 4.00 S273,200
6.51 X 50' CS/CS V/SKIRT 17,0008
SOURCE:
TRAYS: VALVE TYPE 12CR OTY 20 20,000
SOURCE:

T3 ATMOSPHERIC TYR 650 F 75 PSIG 1 244,000 3 1 2,800 286,100 286,100 4.00 4.00 4.00 11,144,400

8/26/10' x "/6.5/12' CS/CS
WITH SKIRT 50,0000
SOURCE: wOoTER
TRAYS: VALVE TYPE 12CR aTT 32 32,000
SOURCE: EST.

T4 VACUUM TCER 750 F FULL VACUUM 1 265,000 3 1 2,800 27,800 287,800 4.00 4.00 4.00 $1,151,200
20/10' X 20/12' CS/CS V/SKIRT 950000
SOURCE: HOOTER %
TRAYS: VALVE TYPE 12CR OTT 12 12,000 :%
SOURCE: EST.

300R HYORO-VIS REACTORS 850 F 2805 PSIG 3 3,000,000 3 % 30,000 3,120,000 9,360,000 4.00 4.00 4.00 $37,440,000

10' X 43'2.25C8 W/O'LAT 38,1000
SO, JCE :C.i. 1.

SUPPORT GRIDS OTY 2

SOURCE:C.B.1.

320A E16 VAC BTMS A/C 650 F 150 PSlG 1 110,000 3 1 1,100 114,400 114,400 4.10 5.00 4.33 S495 420
I - 12' X 4.0' BAT CS/SC le,
SOURCE: HOFFMAN

320S El R FEED EFF. AEU 950 F 2740 PSIG 2 350,000 3 % 3,500 364,000 728,000 3.50 4.80 3.83 12,788,200
6100 SF S CR / 347 OL/3.47 TUBES
SOURCE: EFCO

E2 R EFF RECYCLE GAS AEU 800 F 2855 1 200,000 3 % 2,000 208,000 208,000 3.50 4.80 3.8.3 S7 CO3
PSIG 2621 SF2.25CR W/347 OL/34TTUBES
SOURCE: EFCO

E3 f EFF 4500 STE GEN AKJU 700 F 2730 1 235,000 3 % 2,400 244,500 244,500 3.50 4.80 3.83 $936,."0
PSIG 2236 SF CS /347 TUBES
SOURCE: EFCO

E4 HOT SEPR VAP 1501N GEN AKU 71F 1 450,000 3 % 4,500 461,000 468,000 3.50 /.0 3.83 S1,792.0.
2740 PS|G 7944 SF CS/347 TUBES
SOURCE: EFCO

E5 HOT SEPR VAP SO* STE GEN AJlS 650F 1 350.000 3 % 3,500 364,000 364,000 3.50 4.80 3.83 11,39. 10
2710 PSIG 5556 SF CS/347 TUllES
SOURCE: EFCO

E6 NOT SEPR yAP RECYCLE GAS AEU 650? 3 275,000 3 % 2,800 286,100 858,300 3.50 4.80 3.83 13287,300

280 PSIG 3915 SF2.25C3/347 TUES
SOURCE: EFCO p

E7 HOT SEPR VAP COO. WATER AEU 650F 2 314,000 3 5 3,100 326,500 653,000 3.50 4.80 3.83 12 501 .8-
2690 *SIG 5556 SF CS/OIWEL TUBES
SOURCE: ES1T.

A-id
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SWM *E' IuluG A.D HKAPK.u P. E. T. S. FACTORED ESTIMATE WORKSEET OATE:16-Mer.87

ESTMA'l WO: 'M73 Y1. ,.T..AILAX ." d"
.08 mo: S.8678 FOR: L. MAGILL .-. .

-ST CESIGN UNIT KATElIAL FACTOR INSTALLED S
:JOE _ , -TT OUOTE ALLOW. FREIGT COST COST LOW KIGH USED COST

1 .0. SEP 1 4 w I50F 1 17,000 3 % 200 17.700 17,700 3.50 4.80 3.83 167,800

S3: ES.

EMi .T P .D -As IA 1E, 6O 2 1 55,200 3 1 600 57,300 57,300 3.50 4.80 3.83 S219,53
-I -. ;'.. I :

E9 * -. . " 2 '5W,,30 3 1 1,800 187,200 374,400 3.50 4.80 3.83 S1,1434, 0 % .5%

"i ES T. % ,%

33 3 Z 1,400 '41,500 141,500 3.50 4.80 3.83 SS3.0

E'^A -iAm k Et .1 2 '523 00 3 % 1,500 158,100 316,200 3.50 4.80 3.a3 S1T9I,00

:14 ;-1. 3, 60 %

' .P%E' o -,, .• . ' 1 03,300 3 1 3500 32,900 32,900 3.10 4.80 3.83 S1 ,600
'30 - i SF 5, 26.

', *'. ,p - .,i.j . . I 4.3,00 3 5 500 468,900 46,900 3.50 .. 80 3.83 s179,600 .
E'2A 65O . F 1 31 1)00 3 . 330 32,200 32.200 3.50 4.80 3.83 12.3o0

" $1.1 E5T '

f3£ A . 2 .7,)00 3 1 500 48,900 97,800 3.50 4.80 3.0 S374,6" -

'.BES 03-33-w55f

,I.3 E :ICE: ST

5'5 ,AC'd A~ "~1 '~, ': S 1 21,300 3 % 230 24,00 54,00 3.50 4.80 3.83 3,!.o0

S3.j' EC: ES'.E'4 ,A A .',l .... H J 1 56.300 3 t 200 56,700 56,100 3.50 4.803.3 S2'7,2^W

SOURCI: EST.

op %

J*-
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SUN REFINING ANO MARKETING CO. P. E. T. S. FACTORED ESTIMATE WIRSHEET DATE:16-mar.87 %

PROJECT: TURBINE FUELS PROJECT %HTDR0V I SIBREAKER%'

ESTIMATE NO: 7273 BY: J.T.HARLAN

JO NO: e44768 FOR: L. MAGILL

COST DESIGN UIIT MATERIAL FACTOR INSTALLED
COOl DESCRIPTION aT" QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

37014 H1 RECYCLE GAS NTR 110.1 HIM BTU/HR 1 1,800,000 3 % 18,000 1,872,000 1,872,000 2.00 2.00 2.00 S3,.744,000
SOURCE: EST.

HZ ATM TWR FEED ITR 101.0 MM BTU/HR 1 500,000 3 % 1,000 520,000 520,000 2.00 2.00 2.00 SI,040,000
SOURCE: EST.

M3 VAC TIMt FEED HTR 61.0 HM BiTU/MIM 1 350,000 3 Z 3,500 364,000 364,000 2.00 2.00 2.00 S728,000
SOURCE: EST.

4OOT T 1 CRUDE RESIN HOR 12' X 50' Y/SAD 1 150,000 3 % 1,500 156,000 156,000 2.00 2.00 2.00 S312,000
DES 650 F 30 PSIG CS W/SS OLAY :%
SOURCE; BUFFALO

T 2 ADDITIVE TANK 20' DIA X 16' H. 2 95,000 3 1 1,000 98,900 197,800 2.00 2.00 2.00 S395,6C0 P%
DES 150 F ATMOSPHERIC 6%
CONE BOTTOM FIXED ROOF
SOJRCE: BUFFALO

400V V1 HOT HP SEP 650 F 2715 PSIG 1 1,370,000 3 Z 13,700 1,424,800 1,424,800 3.50 4.80 3.83 S5,457.000
9' x 20' 1.25CR W/SDLS 371,3000
SOURCE: EST.

V2 HOT LP SEP. 650 F 200 PSIG 1 50,000 3 % 500 52,000 52,000 4.00 4.10 4.03 S209,600
7' X 26' CS/CS W/SDLS 21,5000
SOURCE: BUFFALO

V2A COOLED MT SEP VAP 500 F 200 PSIG 1 6,250 3 % 100 6,500 6,500 4.00 4.10 4.03 V16,ZOO
3' X 9' CS/CS W/SDLS 4,0009
SOURCE: BUFFALO

V3 COLD HI-PRESS SEP 650 F 2680 PSIG 1 1,195,000 3 % 12,000 1,242,900 1,242,900 4.00 4.10 4.03 Ss, :.900
8' X 24' CSW/347 OL W/SOLS 324,2000
SOURCE: EST.

V4 COLD LP SEP 650 F 200 PSIG 1 31,000 3 % 300 32,200 32,200 4.00 4.10 4.03 $129.:0
7' X 24, CS/CS I/SDLS Z0,OOO
SOURCE: BUFFALO

V5 CMP K.0. DRUN 650 F 2670 PSIG 1 180,500 3 % 18,100 204,000 204,000 4.00 4.10 4.03 S822.
4.5' X 10' CS/CS U/SKIRT 49,0000
SOURCE: EST.

V6 AlINIE ACCUR 650 F 75 PSIG 1 8,000 3 % 800 9,000 9,000 4.00 4.10 (.03 136.3,:
3- X 15' SA516-70 W/SDLS 1,7500
SOURCE: EST.

V7 AMINE FLASH DRUM 650 F 200 PSIG I 37,000 3 % 3,700 41,800 41,800 4.00 4.10 4.-3 1'8, :Z
5' X 20' 5A516-70 W/SOLS 10,0009
SOURCE: EST.

V8 ATMOS TWR ACCIn 650 F 75 P1G 1 1,19,000 3 3 12,000 1,242,900 1,242,900 4.00 4.10 4.03 s,.s;::
6' X 24' CS WSLS 12,0009
SOJRCE: BUFFALO

V9 1509 STN DRUm H-1 650 F 300 PSIG 1 24,000 3 % 200 24,900 24,900 4.00 4.10 4.03 :0.000
6' X 15' CS/CS W/SDLS 11,0000
SOURCE: BUFFALO

Vl0 1500 STN D"RI H-2 650 F 200 PSIG 1 15,300 3 % 1,500 17,300 17,300 4.00 4.10 '.^3 St;'.
51 X 15' CS/CS WSOLS 7,0000
S.URCE: BUFFALO

A- 18
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SUN REFIMING ANO MARKETING CO. P. E. T. S. FACTORED ESTIMATE WhKSHEET DATE:16-Mar-87

PROJECT: TURIINE FUELS PROJECT 
S

NTOROV [ SBREMERJ

ESTIMATE NO: 7273 IY: J.T.NARLA-
JOe NO: 4 768 

FOy: . MA CLL

................ .................................................................... . .. . . .. . .. . . .. . .. . . .. . . ... MA I L..%,

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
C.E DESCRIPTION CTY QUOTE ALLOW. FREIGHT COST COST LOW NIGH USED COST

.....................................................................................................................................

V1i 1505 STM DRUM H-3 650 F 200 PSIG 1 11,900 3 % 1,200 13,500 13,500 4.00 4.10 4.03 554,400
4.5' X 12' CS/CS 6IOLS 5,400#
SOURCE: BUFFALO

V12 AMINE SURGE TANK 650 F 73 PSIG 1 38,000 3 2 3,800 42,900 42,900 4.00 4.10 4.03 S17",900
10' X 25' SA.516-40 W/SDLS 10,5000 342.,

SOJRCE: EST.

(50C KI RECYCLE CORP. CENT. 1395 IMP .1 8SO,00 3 % 8,500 84,000 884,000 2.00 2.50 2.13 S1,BP2,90
159,396 SCF14 a 1.37 K & 777 MOLE WTWOD20 2.0 .1 a890

SUCT. 125 F a 2"10 PSIA
DISCH. 131 F a 2620 PSIA
SPARES: ROTOR
SOURCE: EST.

K2 ATMOS TN OFF-GAS Cow. 50 MP 2 280,000 3 2 2,800 291,200 582,400 2.00 2.50 2.13 S1 240,500
537 SCFM ; 1.159 K & 77? MOLE VT 22, .

SUCT. 100 F a 34.7 PSIA
DISCM. 237 F a 164.7 PSIA
SPARES:
SOURCE: EST. 

%

OP P FEEDPUP 0 CSCRDELTA NOMS 07123 2 360,000 3 1 3,600 374,400 748,800 4.00 7.00 4.75 S3,556,800 I

PUMP TEMP 514 F 2 0.86 C0 s

MOTOR NP 3500 a 3560 RPM
SOURCE: UNITED

92 ADO 3 MI CS/1ZCR NORI 100 Sg 2 10,200 3 • 100 10,600 21,200 4.00 7.00 4.73 S100,700
D11CN 30 #516 DELTA 30 PSI •88 ._

PUMP TEMP 90 F 2 0.79 sr
MOTOR NP S a 3560 RPm

SOURCE: UNITED

P3,4,5 REA MIX 12CR/1ZCR N 14280 GPM 6 75,600 3 • 800 78,700 472,200 4.00 7.00 4.75 $,.243.Oc,
DISCN 2515 PSIG DELTA 5 PSI .16- .047 ',4.c
PUMP TEMP 850 F 2 0.74 SG
MOTOR NP 100 a 3600 RPM.

SOURCE: 
%

P6 ATMOS TW PA CS/12CR NOR 495 Gpi9 2 15,050 3 2 200 15,700 31,400 4.00 7.00 4.75 5l49,200 •
DISCM 79 PSIG DELTA 46 PS-1532'

PUM TEKP 515 F a 0.878 SG

MOTOR NP 3o a 3560 RPM

SOURCE: UNITED

F7 LEAN AMINE CS/12CA O 40 G 2 295,000 3 1 3,000 306,900 613,800 4.00 7.00 .73 $29'5,620
DISCN 2480 PSIG DELTA 2480 PSI-57807'

PLOP TEMP 14S F i 0.99 go
MOTOR mP 1100 8 3560 Rm
SOURCE:

A- 19
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Sum kEHNING AND MARKETING CO. P. E. T. S. FACTOREO ESTIMATE WORISHEET DATE:16-Har-87

PROJECT: TURBINE FUELS PROJECT
mYDROVISIREACUEI

ESTIMATE HO: 7273 BY J.T.HARLAN

JOB No: 43768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTIOR OTT QUOTE ALLOW. FREIGHT COST COST LOW NIGH USED COST

Pe AMINE STILL RFX CS/12CR H 40 GPM 2 5,000 3 % 100 5,300 10,600 4.00 7.00 4.75 150,400
OISCH 50 PSIG DELTA 50 PSI - 117

i
'

PUMP TEMP 105 a 0.99 S
MOTOR HP 4 2 3600 RP0'
SOURCE:

P9 ATMOS T. O C5/12CI H 519 GPM 2 1u,o?0 3 1 100 14,600 29,200 4.00 7.00 4.75 $138,700
DISCH 76 PS1G DELTA 66 PSI - 204'
PUMP TEMP 100 F 1 0.751 so
MOTOR HP 40 a 3600 RPM
SOURCE: UNITED

PIO ATMOS TWIt 9TMS CS112CR m 89 GPU 2 19,320 3 1 200 20,100 40,200 4.00 7.00 4.75 $191,000
DISCH 77 PSIG DELTA 73 PSI - Z2

1

PUMP TEmp 619 F 2 0.806 S0
MOTOR NP 75 2 3600 RPM
SOURCE: UNITED

Pil ATMOS TW DIST CS/12CU H 274 GPU 2 14,630 3 2 100 15,200 30,400 6.00 7.00 4.75 S144,400

DISCH 67 PSIG DELTA 44 PSI 146'
PUMP TE4P 543 F a 0.694 SO
MOTOR HP 15 a 3600 RPM
SOURCE: UNITED

P12 VAC TWI DIST CI/120I N S6 GP 2 16,330 3 1 200 17,000 34,000 4.00 7.00 4.75 S161,500

DISCH 67 PSIG DELTA $I PSI 2271
PUMP TEMP 542 F a 0.824 SO
MOTOR HP 50 a 3600 RPM
SOURC: UNITED

P13 VAt TWR PA CS/12CR N 792 GPM 2 17,400 3 % 200 18,100 36,200 4.00 7.00 4.75 $V72,000
DISCt 51 PSIG DELTA 66 PSI 185'
Pt TEMP 542 F a 0.824 SO
MOTOR HP 50 a 3600 RPM
SOURCE: UNITED

P14 VAC TA STMS CS/12CR H 187 GPM 2 17,070 3 1 200 17',800 35,600 4.00 7.00 4.75 S169.110

DISCH 133 PSIG DELTA 47 PSI 377-

PUMP TEMP 631 F 0.901 SG
MOTOR HP 40 a 3600 RPM
SOJRCE: UNITED

P15 VAC TWIt ON WAT CS/12CR H 31 0DM 2 10,000 3 2 100 10,400 20,800 4.00 7.00 4.75 S98,800 r
DISCH 56 PSIG DELTA 70 PSI - 163'
PUMP TEMP 100 F a 0.99 SO

MOTOR HP 5 a 3600 RPM
SOURCE: UNITED

P16 VAC WO OH DIS CS/12Ca H 106GPN 2 10,780 3 2 100 11,200 22,400 4.00 7.00 4.75 11106,400

DISCN 56 PSIG DELTA 70 PSI 180'
PUMP TEW 100 F a 0.90 SO

MOTOR HP 15 a 3600 RPM
SOURCE: UNITED

480 STEM JET VACU SY 1 15,000 3 1 200 15,700 15,700 2.00 3.00 2.23 S35,300
665 GP FLOW

SOUICE: DROLL REYNOLDS

A -20
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSNEET OATE:16-Hr.87

PROJECT: flRSINE FUELS PROJECT
DISTILLATE HYOROTREATER

ESTIMATE NO: 721 IT: J.TARLAN
Joe No: 9"768 FOR, L. MAGILL.. ........................................................................... ...... ................................................
CO TD s G N TM T R A A T I N T L E ; '

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST................................................................................................................................... 

% % .

ESTIMATE SUMMARY

2709 TOWERS 1 95,500 $374,000i..

3001 REACTORS 3 12,792,000 S51. 8,0CO

320A All COOLED HEAT EXCHANGERS 1 124,800 %540,4C0

320S SHELL & TUBE NEAT EXCHANGERS 16 5,7,400 22,08,40-

370H FIRED HEATERS

400T TANKS

400V VESSELS 7 991,100 $3,983,:3O

450C COMPRESSORS 1 811,200 S1,727,900 1.

4509 PUMS 6 986,200 S4,6 75, 000.4-

180 MISC. EQUIPMENT
CROLL REYNOLDS SIN JET SYS 6 % d
UNION CARIIDE H.P.U.
W-L/OP/ACP/SRI SYSTEMS
ELEC. PRECIP. & FLY ASH COLL. SYS
CHEVRON W.W.T PROCESS SYS.
RALPH M. PARSONS CO. SYSTEM

A TOTAL MAJOR EQUIPMENT 35 21,569,200 3.92 SU6,5 76,800

600 INSTRUIMENTS 15 2 N.E. 3.235,400 4.00 S12,941.600 "

620 INSUILATION

ROUNDI NG (S-:)

A-11 TOTAL DIRECT INSTALLED COST S9?,5 5, 0"

HOE OFFICE COSTS 15 2 D.I.C. 5)4,628,000

00 CATALYST A CHEMICALS "

SUS TOTAL $112,146,C0.

CONTINGENCY 25 z 28,0 3;',"

ROYALTIES

TOTAL INSTALLED COST 4/a/8 5.0, '83. zoo * %.

ESCALATION I /YR. FOR TEAR S

TOTAL INSTALLED COST 4/0/8 S1.3.3 83.:

%-.
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SUN REFINING ANO MARKETING C. P. 1. T. S. FACTORED ESTIMATE kOIISnEET DATE:16-mr87

PROJECT: TUlRIIE FUELS PROJECT
DISTILLATE NYOROTRF.ATER

ESTIMATE NO: 7281 BY: J.T.IARLAN
405 NO: 1148715 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR iNSTALLED
CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

270P TI FEED STRIPPER 650 F 200 PSIG I 85,000 3 1 900 93,s00 93,500 4.00 4.00 4.00 1374.00
5.5' X 42 CS/CS WI/SKIRT 24,6001
SOURCE: BRIGHTON
TRAYS: VALVE TYPE 12CR OTT 16 5,000
SOURCE: BRIGHTON

10' X 6812.25CR W/O'LAT 1,138,5 M

SOURCE:C.I. I.
SJPPORT GRIDS OTT 2
SOUIRCE:C., I.

320A E6 EFF. COOLER. 300 F 2710 PSIG 1 120,000 3 Z 1,200 124,800 124,800 4.10 5.00 4.33 $540,400
I -R18- X 40' BAY CS

320S El f FEED EFF. BEU 700 F 2750 PSIG 2 1,900,000 3 2 19,000 1,976,000 3,952,000 3.50 4.80 3.83 S15,136,2007945 SF 2.25CR w/347 OL/347"

SOURCE: NTE

E2 It EFF 4500 ST GEN BJ 700 F 2740 1 172,200 3 2 1,700 179,100 179,100 3.50 4.80 3.83 686,000
PIG 7950 SF CS/347
SOJRCE: NTI

E3 RECY EFT EX NEU 550 F 2720 P[IG I 1,055,00 3 1. 10,600 1,09,000 1,091,000 3.50 4.80 3.83 U,205,300
4223 SF 2.25CR w/347 04L347
SOURCE: HTI

E4 i EFF SO# STM GEN = 550F 2720 1 80,810 3 % 800 84,000 64,000 3.50 4.80 3.83 $321,700
PSIG 746 SF CS/347
SOJRCE: HTE

E5 01 RECYCLE EFF EX BIEU 400F 2715 2 27,800 3 % 300 28,900 57,800 3.50 4.80 3.83 $221.4.0
PSIG 2170 SF CS/347
SCLRCE: WTI

E7 EFF TRIM CLR BED 300F 2690 PRIG 1 $4.500 3 % 800 87,800 87,800 3.50 4.80 3.&3 %336,3^o
6600 SF CSIMONEL
SOURCE: WTI

E8 STRIPPER O COND AEU 400F 115 1 11,100 3 % 100 11,500 11,500 3.50 4.80 3.83
PIG 865 SF CS/ADN
SOURCE: NTt

E9 STRIPPER FO SOTTONS AES 650F 320 6 45,400 3 % 500 47,300 283,800 3.50 4.80 3.83 $',087:00
PRIG 4190 SF CS/CS
SOURCE: WTIe

EIO STRIPPER Fo PREHIR BI[U 6SOF 500 1 17,700 3 2 200 18,400 18,400 3.50 4.80 3.03 S70 ,Yz
PIG 1632 SF CS/CS
SOURCE: KTI

S.

A-22 1]

I% .1



""'T5 5.w 3W.5lvvv~ '.5 vv w '.5 ww4%15rw'iw%-V U UVWV W vwvr wv U,.WjW, .JT.v','.vvU"v U.WJ ''JU".. ' WV WVV U".VW - WV -

5,

SUM REFINING ANO MARKETING CO. P. 1. T. S. FACTORED ESTIMATE WORKSNEET OATE:16-Mar-87, :5,

PROJECT: TURBINE FUELS PROJECT
DISTILLATE KYOROTREATEI

ESTIMATE NO: 7281 FBY: L. MAGIAL
.O B O: 1487 68 FOR: . AGILL-.q
j o g . . . . . . . . . .. ........ *.. ..... .M

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION aTy QJOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST *

400V Vl FEED TANK 650 F 30 PSIG 1 53,000 3 z 500 55,100 55,100 3.50 4.80 3.83 $211,000

12 X SO- CS/CS W/LEGS 52,0000

SOURCE: BUFFALO

V2 mI-PRESSURE SEP. 650 F 2685 PSIG 1 730,000 3 % 7,300 759,200 759,200 6.00 4.10 4.03 %3,CS9,600

8 X 24' CS/CS W/LEGS 320,0005
SOURCE: C.I.I.

V3 LO-PRESSURE SEP. 650 F 200 PSIG 1 29.000 3 % 300 30,200 30,200 6.00 6.10 ,.03 $121,7-0

8- X 2' CS/CS W/LEGS 27,000"
SOURCE: BUFFALO

V4 COMP. SUCT. KO 650 F 2670 PSIG 1 130,800 3 X 1,300 136,000 136,000 4.00 4.10 4.03 S548,100 p
3.5' X 10 CS/CS W/SKIRT 57,000 e.
SOURCE: C.B.I..

VS STRIPPER ACCUM. 650 F 200 PSIG 1 3,000 3 % 300 3,400 3,400 4.00 4.10 4.03 S13,700

4 X 10' CS/CS W/LEGS 3,3009
SOUICE: BUFFALO 

%

V6 STEA DRLUM 650 F 200 PSG 1 4,200 3 z 600 6,700 4,700 4.00 4.10 6.03 S18,900

4.51 X 101 CS/CS U/LEGS 4,5000
SOURCE: BUFFALO p

V7 STEAM DR"M 650 F 200 PSIG 1 2,200 3 1 200 2,500 2,500 6.00 4.10 4.03 110,100 a.

3.5' X 8' CS/CS V/LEGS 2,500 S.."

SOURCE: BUFFALO 'P.5'.

450C I1 RECYCLE COP. CENT. ?77 BIP 1 780,000 3 % 7,800 811,200 811,200 2.00 2.50 2.13 S1,727,900

106,439 SCFM 2 1.393 K & ?7? MIXE WT
SUCT. 123 F a 2450 PSIA
DISCH. 136 F .1 2650 PSIA

SPARES:ROTOR,CPLG. SIAFT
SOUjRCE:

,SOP Pl FEED PUMP CS/2CII NI5 116S GPM 2 440,000 3 X 4,400 457,600 915,200 4.00 7.00 4.7' 14.347.2,

ISCH 2650 PSIG DELTA 2650 PSI 7918' *J.
PUMP TEMP 4670 F a 0.79 SG

CTOR NIP 3000 a 777? lP"
SOURCE: '.

P2 STRIP;N PFO. CS/12I l "OR 1008 GPM 2 30,700 3 1 300 31,900 63,800 4.00 7.00 4.73 1303,"0
DISCR Z35 PS1G DELTA 96 PSI - 255'
PUMP TEMP 165 F a 0.847 SG
MOTOR NP 200 a 3600 RP.
SOURCE:

P3 $TPI REFLx CS/12C
R 

IN 30 GPM 2 2,500 3 1 2,600 5,200 6.00 7.00 4.73 12',

DISCH ZO PSlG DELTA 55 Pill - 199'
PUMP TEMP 110 F a 0.64 ,
MOTOR P 33600 ,.N%
SOURCE:

5,5,N

K
,'.
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SUN REFINING AN MARKETING CO. P. E. T. S. FACTORED ESTIMATE WRKSHEET 0ArE: 16.Mar87t 0

q

PROJECT: TURBINE FUELS PROJECT
DISTILLATE HYDROCRACKER

ESTIMATE NO: 728S BY, J.T.MARLAII
JOB NO: 948168 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

ESTIMATE SUMMNARY

270P TOIJRS 4 67,100 S3,068,400

3001 REACTORS 1 3,120,000 $12,480,000

320A AIR COOLED MEAT EXCHANGER 3 457,600 $1,981 ,40O

320S SHELL & TUBE HEAT EXCHANGER$ 2£ 6,542,200 S25,056,600

37CN FIRED HEATERS 2 1,716,000 S3,432,000

400T TANKS

400V VESSELS 7 1,101,300 S4,438,200

450C COMPRESSORS 1 728,000 S1,550,600

450P PUM~PS 1s 977,200 4,641,900

480 MISC. EQUIPMIENT
CROLL REYNOLDS STM JET SYS
UNION CARBIDE H.P.U.
W-LIDP/ACPISRI SYSTEMS
ELEC. PRECIP. A FLY ASH COLL. SYS <p
CHEVUOM W.W.T PROCESS SYS.
RALPH M. PAISCINS CO. SYSTEM

A TOTAL MAJOR EOUIPMEHT 60 15,409,400 3.68 56,649,100

600 )NSTRUNENYS 15 S. N.E. 2,311,10 DO .00 S9, 245,600

620 INSU.LATION

* ROUNDING

A4B TOTAL DIRECT INSTALLED COST S65,895,000

NONE OFFICE COSTS is % .I.C. S9,MO w _h.

d800 CATALYST & CHEMICALS

SUB TOTAL %75, 779.,C00

CONTINGENCYF 25 % ~,4.O
ROYALTIES

TOTAL INSTALLED COST .1018S 194,724.ZCO

ESCALATION % /To. FOR YEAR

TOTAL INSTALLED COST 4/0/8.5 %94,7214. 0C

Z I
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SUN REFINING AND MAKEITING CO. P. E. T. S. FACTORED ESTIMATE WRKSHEET DATE:16-Mar. 7

PROJECT: TURIINE FUELS PROJECT

DISTILLATE HYOROCRACKER BY: J.T.NARLAN

jos No: BIO768 
FON: L. MAGILL

..................... 1................ ................................................................................ .............

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT OUOTI ALLOW. FREIGHT COst COST LOW NIGH USED COST

... ... ...........................................................................................................................

270P TI PREFRACTIONATOR 6S0 F 200 PSIG 1 156,000 3 It 1,600 178,300 178,300 4.00 4.00 4.00 S713,2CO

8.5&1O'32142- CS/CS W/SK 114,0001
SOURCE: BRIGHTON

TRAYS: VALVE TYPE 12CR OTT 1616 16,000

SOURCE: BRIGHTON

T2 MAIN FRACTIONATOR 650 F 41 PSIG 1 395,000 3 .000 480,900 80,900 4.00 4.00 4.00 S1,923,600

11&12.5&20.&10,X24&8&,2&30' CS/CS
l/SKIRT 190,0000
SOURCE: BRIGHTON
TRAYS: VAL TYPE 12CR OTT 10&369.11 70,000

SOURCE: BRIGHTON

3 DENEXKAIZER 650 F 50 PS1G I 87,000 3 X 900 5,500 95,500 .o0 4.00 4.00 $382,Coo
668-X30924- CS/CS W/Sl[ 25,00011
SOURCE: BRIGHTON

TRAYS: VALVE TYPE 12CR OTT 1317 s,000

SOURCE: BRIGHTON

SI MN.FRAC. STRIPPER 650 F 100 P16 1 11,000 3 % 100 12,400 12,400 4.00 4.00 4.00 1.49,600

SIX 23* CS/CS W/SK 9,6000
SOUR CE : BRIGHTON

TRAYS: VALVE TYPE 12C2 OTT 8 1,000
SOURCE. BI[GHTONI

300R HYDROCR'R REACTORS 50 F 2805 PII5 1 3,000,000 3 t 30,000 3,120,000 3,120,000 6.00 4.00 4.00 S12, 480,000

I' X 80,2.25CR 860,0000SOURtCE: Cot1

SUPPORT GRIDS OTT 4
SOURCE:CI"

320A Eli NM FRAC PA CLR. 650 F 75 PSIG 1 120,000 3 , 1,200 126,800 124,800 4.10 5.00 4.33 S540. 4O

I - 12, X 40- SAY CS
SOURCE: TUBA

E15 N FRAC TURS FUEL CLR. 650 F 100 2 160,000 3 Z 1,600 166,400 332,800 4.10 5.00 4.33 ,.1,0

2 -6' X 36' RAY CS
SOURCE:

% 320S El R FEED EFF. BEU 800 F 2720 PSIG 3 1,333,000 3 % 13,300 1,386,300 4,158,900 3.50 4 80 3.83 %!5,28 , C

5500 SF 5CR IJZMO/3,47
SOURCE: NTE QUOTE

E2 01 H TO EFF. EX. BEU 700 F 2740 2 425,000 3 % 4,300 "2,100 88&,200 3.50 4.80 3.83 S3.386,500
PSIG 1700 SF 1CR 1/2 HO /347,
SOURCE: STE QUOTE

E3 4500 SIN GEM BK1J 650 F 258 PSl1 1 65.000 3 2 700 67,700 67,700 3.50 4.80 3.83 S259,3:0,

3000 SF CS/CS

% SOJRCE: MTE QUOTE p

E4 mr2 H TO EFF. EX. BEU 650 F 27 1 139.000 3 1 1,400 146,600 14,600 3.50 4.80 3.0 S553,810,
PSIG 1230 SF CS/CS 1.

S .RCE: MTE QUOTE

E5 MO F1AC FO EX. BEU 2573 2 49,000 3 • 500 51,000 102 000 3.50 16,60 3.0 1T0,::

PSIG 2750 SF CS/CS
SOURCE: MTE OTE

E6 LP FL TO EFF EX. EEU 2565 6 96,500 3 2 1,000 100,400 401,600 3.50 4.80 3.8 S' i.':

PSIG 6050 SF CS/Cs
SOJRCE: STE QUOTE

A-25

d~i



NO 147-u~ .' -. -- ~- W~W~~-V -V wIV-w -'V W%-vwl 'l"4 WV WV~~vwj. W

SUM REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSNEET DATE:16-mHr 87

PROJECT: TURBINE FUELS PROJECT ',

DISTILLATE HYROCIUACIER
ESTIMATE NO: 7283 BY: J.T.NARLAM I',

JOe NO: B"768 FOR- L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT LIOTE ALLOW. FREIGNT COST COST LOW NIGN USED COST

E7 RX EFF CLI BEU 650F 2545 PSiG 2 138,000 3 % 1,400 143.500 287,000 3.50 4.80 3.83 SI,099,200 .1
7190 SF CS/ADMIRALTY

SOURCE: HTE QUOTE

ES PREFRAC CONDO BEU .OOF 2o 1 48,000 3 Z 500 49,900 49,900 3.50 4.80 3.83 $191.100
PSIG 3730 SF CS/ADMIRALTY
SOjCE: ATE OUOTE

E9 PREFR.AC REBLR BKU b5OF 500 2 58,500 3 • 600 60,900 121,800 3.50 4.80 3.&3 S466,500
PSIG 5400 SF CS/CS
SOURCE: ATE QUOTE

EIO MW FRAC 00 COIO JEU 650F 100 2 57,500 3 1 600 59,800 119,600 3.50 4.80 3.3 us48,100
PSIG 43 .5 SF CS/ADI61RALTY
SOURCE: HTE QUOTE

E12 05ENX ONO CON0 SEU 65OF 100 2 61,000 3 IS 600 63,.00 126,800 3.50 4.80 3.83 ".85,600
PSG '.900 SF CS/ADMIRALTY *
SO5JRCE: NE QUiOTE

E13 OEMEL REILR RKU 650F 200 1 26,500 3 % 300 27,600 27,600 3.50 4.80 3.83 S105,700

PSIG 1526 SF CS/CS
SOURCE: HTE QUOTE

E14 DEMEX ITN CIR GEE. 650F 100 1 48,500 3 1 500 50,500 50,500 3.50 4.80 3.83 S193,400
PSIG 3900 SF CS/ADMIRALTY

Sr 5E: NTE OTE
WI,

370H M1 RECTCLE GAS MTI 13.28 in RTU/HR 1 250,000 3 % 2,500 260,000 260,000 2.00 2.00 2.00 S520,0O
SOURCE SELAS

M2 MAIN FIRAC REBLR 157.27 m4 BTU/HR 1 1,400,000 3 1 14,000 1,456,000 1,456,000 2.00 2.00 2.00 S2.92.:-Co
SOURCE SELAS

400V V1 FEED TAMK 650 F 173 PSIG 1 150,000 3 1 1,500 156,000 156,000 4.00 4.10 4.03 S.628,'
12' X 50' CSICS u/LEGS 96,0000
SOURCE: Cal

V2 HI.PRESSURE SEP. 650 F 2530 PSIG 1 780,000 3 1 7,800 811,200 811,200 4.00 4.10 4.03 $3,269,10:
8' X 241' CS/CS 61/LEGS 7340,0000
SOURCE: CR1

V3 LO-PRESSURE SEP. 650 F 200 PSIG 1 28,800 3 1 300 30,000 30,000 4.00 4.10 4.03 $120.9CO
S' X 24,' CS/CS W/LEGS 27,000
SOURCE: BUFFALO

v4 COW. SUCT. KO 650 F 2530 PSG 1 55,000 3 I 600 57,300 57,300 4.00 4.10 4.03 $233.100
3' X 10' CS/CS u/SKIRT 23,0000
SOURCE: Cr1

VS PREFRAC. ACOJN. 650 F 200 Palo 1 28,800 3 1 300 30,000 30,000 4.00 4.10 4.03 S'20.3:0
8' X 24' CS/CS u/LEGS 27,0000
SOURCE: BUFFALO

V6 MAIM FRAC ACCQM 650 F 70 PSIG 1 10,000 3 % 100 10,400 10,400 4.00 4.10 4.03 S-I ;::
8' x 24' CS/CS W/SLR 11,6000
SOJRCE: BUFFALO

v7 OE "E. ACCUM 650 F 40 PSIG 1 6,100 3 1 100 6,400 6,400 4.00 4.10 4.03 %25 ::
5' X 17.5' CS/CS W/S4LS 5,5000
SOURCE: BUFFALO
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE dORKSMEET DATE:16-mor-87

PROJECT: TURBINE FUELS PROJECT
DISTILLATE WYDROCRACKEI

ESTIMATE NO: 7283 BY: J.T.KAR.AM
Joe No: 643768 FOR: L. MAGILL I

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

450C (1 RECYCLE CORP. CENT. 1133 8NP 1 700,000 3 X 7,000 728,000 728,000 2.00 2.50 2.13 S1,550,600
91,939 SCFM 1 1.37 C & 6.0 MOLE WT
SUCT. 110 F a 2305 PSIA
DISCH. 125 F a 2535 PSIA
SPARES :ROTO ,CPLG, SKAFT
SOURCE: It

4650P P1 PREFR FD CS/1ZCR HOR 1686 GPM 2 23,000 3 [ 200 23,900 47,800 6.00 7.00 4.75 $227,Doo
DISCH 255 P$IG DELTA 105 PSI-33*
PUMP TEMP 110 F a 0.733 SC

MOTOR 4P 150 a 7777 RPM
SOURCE: UNITED

P2 PREFR REF CS/12CR 400 906 GPM 2 15,300 3 z 200 16,000 32,000 4.00 7.00 6.75 S152.,OCO

OISCH 208 PSIG DELTA 63 PSI - 28
PIMP TEMP 167 F a 0O.S SG
MOTOR HP 50 a 7?77 RPM
SOJRCE: UNITED

P3 MN FR REFSPt CS/12CR NOR 106 GPM 2 21,100 3 I 200 21,900 43,800 6.00 7.00 6.73 S208,100
DISCM 114 PSIG DELTA 109 PSI - 3701
PU TEMP 156 F a 0.68 SO
MOTOR MP 100 a 7777 RP4
SOURCE: UNITED

P6M M FR PA CS/12CR NOR 860 GPIN 2 16,900 3 % 200 17,600 35,200 6.00 7.00 4.73 S167,200
DISCH 53 PSIG DELTA 40 PSI-138a
P .W TEMP 339 F a 0.670 56
MOTOR NP 30 a 777? RPM
SOURCE: UNITED

PS MN FR REBOIL CS/12CR NOR 5799 GPM 2 54,300 3 % 500 56,400 112,800 4.00 7.00 06.75 S535..Q
DISCH 115 PSIG DELTA 100 PSI • 3451
PIMP TEMP 598 F a 0.670 SG
MOTOR NP 500 a 7777 RPM

SOURCE: UNITED

P6 RX FEED CS/I2CR NOR 1833 GPM 2 29.400 3 2 2,900 306,100 612,200 4.00 7.00 4.73 S2,908,:CO
DISCH 2660 PSIG DELTA 2625 PSI -4320'
P13 TEMP 586 F a 0.68 SG
MOTOR NP 2000 a 7777 RPM
SOURCE: UNITED

P7 rU'M FUEL CS/12CR NOR 971 GPM 2 19,300 3 2 200 20,100 40,200 4.00 7.00 6.73 S19lqCo
DISCN 80 PSIG DELTA 63 PSI-214-
PUMP TEMP 322 F a 0.680 SO
MOTOR NP 60 a 7777 RPM
SOURCE: UNITED

PS DE)IX ON RAP C$/12CR NOR 385 GPM 2 11,200 3 %. 100 11,600 2.3,200 4.00 7.00 4..73 $110,210

DISCH 5S PSIG DELTA 40 PSI - 145-
PUPTEMP 112 F a 0.6355 SG

MOTOR NP 15 0 '777 RPM
SOURCE: UNITED

P9 DEHX IT149 PR CS/12CR NCIR 712 GPM 2 1,500 3 1 100 15,000 30,000 4.00 7.00 4.73 1S 2.5zo

DISCH 60 PS G DELTA 40 PSI -140-
PUIP TEMP 2412 F a 0 .660 SG
MOTOR NP 30 ?7?77 RPM
SOURCE: UNITED

A-27
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSHEET DATE:16-Nar.87

PROJECT: TURBINE FUELS PROJECT
GAS PLANT

ESTIMATE NO: 7256 BY: J.T.HARLAN
NO: 548768 FOR: L. MAGItL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGNT COST COST LOW HIGH USED COST

ESTIMATE SUMARY
. ll. ....... t* flS

270P TOIERS 3 626,300 S2,50S,200

30OR REACTORS

320A AIR COOLED HEAT EXCHANGERS

320S SHELL & TUBE NEAT EXCHANGERS 11 499,300 $1,912,200

370M FIRED HEATERS

400T TANKCS

400V VESSELS A 57,100 230,100

, 450C COMPRESSORS

% 450P PUMPS 1 218,200 S1,036,600

460 MISC. EQUIPMENT
CROLL REYNOLDS STM JET SYS
UNION CARBIDE H.P.U.
U*L/DP/ACP/SRI SYSTEMS
ELEC. PRECIP. & FLY ASH COLL. SYS
CHEVRON W.W.T PROCESS SYS.
RALP N. PARSONS CO. SYSTEM

A TOTAL MAJOR EUJIPMENT 32 1 ,400,900 4.06 SS,684,C0 I
600 INSTRUMENTS 15 5 N.E. 210,100 4.00 Su.o, 0

620 INSULATION

ROUNDING S :

A*B TOTAL DIRECT INSTALLED COST S6,525,::0

HOME OFFICE COSTS 15 I D.I.C. 5979. 0T

800 CATALYST & CHEMICALS

9A TOTAL $7,54, :0 J

CONTINGENCY 25 I S1,876,Z.'0

ROYALTIES

TOTAL INSTALLED COST 4/0/85 S9,30,.

ESCALATION , /YS. FOR YEAR

TOTAL INSTALLED COST 4/0/85 19,380,-.0

,,-.,I



SUN REFINING AMD MARKETING CO. P. E. T. S. FACTORED ESTIMATE ORKSEET ZATE:16MPar.87

PROJECT: TURBINE FUELS PROJECT

ESTIMATE NO: 72 6 BY: J.T.HARLAN
.O6 NO: £48768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST %I,%

270P T ABSORBER STRIPPER 650 F 166 PSIG 1 225,000 3 X 2,300 261,100 261,100 4.00 4.00 4.00 S1,044.00 J j
6'&9'XSO&57' CS/CS W/SE 94,4370
SOURCE: BRIGHTON
TRAYS: VALVE TYPE 12CR OTT 22&20 27,000
SOURCE: BRIGHTON

T2 DEBUTANIZER 650 F 130 PSIG 1 Z92,000 3 % 2,900 327,700 327,700 4.00 4.00 d6.O0 $1,3",0sco

8.5' X 98' CS/CS
W/SKIRT 79,Z360
SOURCE: BRIGHTON
TRAYS: VAL TYPE 12CR Q"Y 43 24,000
SOURCE: BRIGHTON

T3 DEBUT SIDE STRIP'R 650 F 128PS1G 1 35,000 3 2 400 37,500 37,500 4.00 4.00 4.00 s'sc,zz'-

3.5'X 24' CS/CS W/SK 6,5079

SOURCE: BRIGHTON
TRAYS: VALVE TYPE 12CR OTT 9 1,000
SOURCE: BRIGHTON

3201 El AiS'R OH COM BEU 400 F 156 PSIG 1 38,000 3 2 400 39,500 39,500 3.50 4.80 3.83 %151,300 'P
3341 SF CS / ADMIRALTY .,p

SOURCE: HTE OUOTE 'P

E2 AISR INTERCLI BE 400 F 164 2 79,000 3 % 800 82,200 16,,400 3.50 4.80 3.83 S629,700
PSIG 5830 SF CS / ADNIRALTY 'P
SOURCE: HTE QUOTE I
E3 STRIPPER INTERNEATER BE 650 F 1 17,500 3 % 200 18,200 18,200 3.50 4.80 3.83 %69,700
165 Psl5 1607 SF CS/CS
5OU3CE: HTE QUOTE

E4 STRIPPER REBOILER BKU 650 F 166 1 31,000 3 2 300 32,200 32,200 3.50 4.8O 3.83 S'23.3:D
PSIG 2639 SF CS/CS "
SOURCE: HTE QOTE

E5 DEBUT FEED/BOTTOMS BEU 140 1 40,000 3 % '00 41,600 41,600 3.50 4.50 3.a3 $$5T 32
PSIG 6297 SF CS/CS

SOURCE: KTE QUOTE

E6 DEBUT OH COND. BEU 120 1 66,500 3 % 700 69,200 69,200 3.50 4.80 3.83 S265,:::
PSI0 6889 SF CS/ ADMIRALTY
SOURCE: HTE QUOTE

E7 DEBUT OH PROD CONO 0EU 400F 2545 1 27,000 3 % 300 28,100 28,100 3.50 4.80 3.8 3 t
PSIG 2109 SF CS / ADMIRALITY
SOURCE: NTE QUOTE

Ell DEBUT SIDE STRIP RESIR BIJ 650 F 1 13,500 3 % 100 14,000 14,000 3.50 4.80 3.83 S~~
'28 PSIG 465 SF CS/CS
SOAId: NTE OUOTE

E9 DEBUT REBLIR SEU 650F 500 PS11 1 36,000 3 2 400 37,500 37,500 3.50 4.80 3.S3 $'-,! t::
4121 SF CS/CS
SOLRCE: HTE OLOTE r.

EO LEAJl OIL CL* BEU 430V 115 1 52,500 3 % 500 54,600 54,600 3.50 4.80 3.&3 t:.
PS;G 4947 SF CS/ADMIRLALTY
SOURCE: HTE QUOTE

I
'a

I
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SUN REFINING AND MAaKETING WO. P. E. T. S. FACTORED ESTIMATE OKSMNEET DATE:16 ar-,87

PROJECT: TURBINE FUELS PROjLCT -
CAS PLANT:: . L

ESTIMATE NO: 7286 BT: J.T.NARLAN
JOB NC: $48768 FOR: L. MAG ILL
.J.O I . . .. . . . .. . ..NC:. .. . . .. . . .. . . . .. . . .. . . ..87. .. . . .. . . ..8. . .. . . . .. . . .. . . .
COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION QTY WUOTE ALLO. FREIGHT COST COST LOW MIGN USED COST %

400V vi ABS'R ON ACCIuJ 650 F 50 PSG 1 11,200 3 1 100 11,600 11,600 4.00 4.10 4.03 46,700
r6.5' X 21P CS/CS ks/lOLl 13,00010
SOURCE: BUFFALO

V2 INTERCOOLER SEP. 650 F 162 PSIG 1 28,600 3 % 300 29.800 29, 00 4.00 4.10 4.03 s120,100
9' X 20' CS/CS W/SOLS 26,0008
SOURCE: RUFrALO

V3 DEBUT REFLUX ACC 650 F 115 PSIG 1 10,000 3 % 100 10,400 10,400 4.00 4.10 4.03 141,900
7' X 17' CS/CS W/$DLS 10,5001
SOURCE: BUFFALO

V3 DEBUT ON PROD ACC 650 F 110 PSIG 1 5,000 3 % 100 5.300 5,300 4.00 4.10 4.03 121,400
5' X 12' CS/CS W/SOLS 4,5008
SOURCE: BUFFALO I

450P PI ABSORB REFLUX CS/12CI8 MOR 717 GPN 2 19,300 3 1 200 20,100 40,200 4.00 7.00 4.75 191,000
OlSON 204 PS10 DELTA 77 PSI-233' p
PU04P TEMP 100 F a o.31s S,'
MOTOR HP 60 a 7777 RPM
SOiRCE: UNITED "

P2 STRIP REFLUX CS/iZC. HOA 1297 GPM 2 17,100 3 % 200 17,800 35,600 4.00 7.00 4.75 S169,100 1
0SCM 193 PSIG DELTA 56 PSI - 195'
PUMP TEMP 100 F a 0.622 SG
MOTOR HIP 73 8 77? RPM
SOURCE: UNITED

P3 STRIP'R RTMS CS/12C1 noN 1187 GPM 2 11,200 3 1 100 11,600 23,200 4.00 7.00 4.75 S110,200
OISCM 158 PSIG DELTA 15 PSI - 60'
PUMP TEMP 278 F a 0.5789 SG
MOTOR 4P 15 a 7777 RPM
SOURCE: UNITED 1'

P4 DEBUT REFLUX CS/12CR HOR 738 GPM 2 15,300 3 1 200 16,000 32.000 4.00 7.00 4.75 $152,:00
DISCN 154 PSIG DELTA 61 PSI-273'
P"MP TEMP 135 F a 0.5170 SG /%
MOTOR HP 45 2 7777 RPM e4.
SOURCE: UNITED .4,,

P5 BUTANE PROD. CS/12CR MHOR 252 GPM 2 16,900 3 1 200 17,600 35,200 4.00 7.00 4.75 1167.200
DISCH 205 PSIG DELTA 117 PSI - 521' %

PLIEP TEMP 127 F a 0.5188 S4 %
MOTOR HP 30 a 7777 RPM
SOURCE: UNITED

P6 DEBUT RTMS CS/120R NOR W2 GP 2 21,100 3 1 200 21,900 43,800 4.00 7.00 4.75 s208,103 %
DISCH 206 PSIG DELTA 98 PSI 46044

PLOW TEMP' 411 F a 0.5O7 S4
MOTOR HP 100 8 777? RPM
SCIURCE: UNITED

P7 LEAN OIL M.U. CS/1?CI NOR 36 Gn 2 4,000 3 % 4,100 8,200 4.00 7.00 4 75 139.00"
DITCM 154 PSIG DELTA 91 PSI 316'
PL0MP TEMP 250 FT a 0.6643 W
MOTOR HP 5 a 7777 RPM
SOURCE: UNITED

A-31
A-3D05
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTINATE WRKSKIEET DATE:16-mar8 j
PRIOJECT: T UII$111 FUELS PROJECT

HYDOEN PRODUCTION PLANTS TIC a 80 MISCF0 EACH
ESTIMATE NO: 7287 FO: J.T.MAPLA
JoS No: s"8768 FR .MCL

COST DESIGN UNIT MATERIAL FACTOR INSTALLEDCOST DESCIIPTIN OTY QUOTE ALLOW. FREIGHT COST COST LOW NIGH USED cosT

ESTIMATE SUNI4TlY
.. n......n. ... n . e ffl.

270P TOWERS 756,000 1.95 S1,474,000

30CR REACTORS 2,142,000 1.9s T,, 1n , 000

320A All COOLED MEAT EXCHANGERS

3201 SMELL & TUSt NEAT EXCHANGERS 4,656,000 1.95 S9,138oc00

RON FIRED HEATERS 10,am,000 1.95 S21,060,000

400T TANKS

400r VESSELS 921,000 1.95 11,796,300
ep.

450C CCO4PRESSORS 7,480,000 1.95 114,586,000

4, p'jm 
243.000 1.95 S474,000

480 MISC. EQUIPMENT
CROLL REYNOLDS STN JET SYS| ~umjoN CARIDEI N.P.U.

W-L/P/AC/SUI SYSTIDS
ELEC. PRECIP. & FLY ASH COLL. SYS
CHErVl= W.W.T PROCES STS.
RALPH1 N. PARSONS CO. SYSTEMW ..... .............. ............... , ' '

A TOTAL MAJOR EQUIPErT 27,028,000 1.95 S52,70S,000

600 INSTRIUMENTS Is M N.E. 4,054,200 4.00 116,216,800

620 INSULATION

ROUNDING $z,0-

A-1 TOTAL DIRECT INSTALLED COST 168,92.:30

4WE OFFICE COSTS 1s 1 0.I.C. S10,338,000

800 CATALYST £ CHEMICALS

SUS TOTAL S79,260.000

CONTINGENCT 2 1 S19,815,00

ROYALTIES. IITALTI E$............... . %.

TOTAL INSTALLED OT 4/0/85 S99,07sCoC .,,

ESCALATION Z /Rll. FOR YEAR I

TOTAL INSTALLS CS 4/0/C SOT99,0 o,

%

ot;-

%
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SUN REFINING AND MARIETING CO. P. E. T. S. FACTORED ESTIMATE ORIKSNEET DATE:16-mir-87

PROJECT: TURBINE FUELS PROJECT
HYDROGEN PUIIFICATION UNIT

ESTIMATE NO: 728 NY: J.T.HARLAH

Joe NO: 548768 FOR:.L MAGILL

.................................................................................................................... ............
COST DESIGN UNIT MATERIAL FACTOR INSTALLED -.

COE DESCRIPTION QTY 9UOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST . .

..................... ............................................................................................
ESTIMATE SUIMARY

270P TOWERS

300B REACTORS

320A AIR COOLED HEAT EXCHANGERS

320S SHELL & TUBE HEAT EXCHANGERS 4 127,000 $.86,400

370H FIRED HEATERS .

400T TANKS

400V VESSELS .

450C COMPRESSORS 1 10,949,800 S23,323,100

45op PUMS

480 MISC. EQUIPMENT
CROLL iREYNOLDS STI JET SYS
UNION CARBIDE H.P.U. 1 5,072,200 S8,876,400

W-L/DP/ACP/SRI SYSTEMS
ELEC. PRECIP. & FLY ASH COLL. SYS
CHEVRON U..T PROCESS SYS.
RALPH N. PARSONS CO. SYSTEM

A TOTAL MAJOR EQUIPMENT 6 16,149.000 2.02 S32,685,900
d*

600 INSTRUMENTS 15 N.E. 2,422,400 4.00 $9,689,600

620 INSULATION

ROJND ING $503

............... ?

A*l TOTAL DIRECT INSTALLED COST $4Z,376,000

HONE OFFICE COSTS 15 It D.I.C. $6,356,000

800 CATALYST & CHEMICALS U

SUB TOTAL S48,732,000

CONTINGENCY 25 1 912,183,000

ROYALTIES

TOTAL INSTALLED COST 4/a/8S 160,915,000

ESCALATION • /YR. FOR YEAR

TOTAL INSTALLED COST 4/c/85 W,915,000

A-32
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSMEET DATE:16-mar87

PROJECT: TURUINE FUELS PROJECT
HYDROGEN PURIFICATION UNIT

ESTIMATE NO. 7288 BY: J.T.HARLAN

JOs NO: 4768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTOR IWSTALLEO 'k

OoE DESCRIPTION QTT QUOTE ALLOW. FREIGHT COST COST LOW NIGH USED COST %

........................................................................................................................ IP

480 HYDROGEN PURIF. UNIT - UNION CARBIDE 1 4,785,000 5 X 47,900 5,072,200 5,072,200 1.50 2.50 1.75 18,876,400 %, "

GAS RATE 74.9 MSCFO %
HYDROGEN PRODUCT PURITY 99.0 x %
FEED GAS HYDROGEN RECOVERY 87.5 %
PLANT FEED PRESSURE 800 PSIG
TOTAL 147.4 LT/D

320S El EXP FO PRENTR BEU 650 F 1 26,500 5 1 300 28,100 28,100 3.50 4.80 3.83 %107,600

2640 PSIG 1,200 SF CS/CS
SOURCE:

E2 HID. CONP. AFTERCLR BEU 400 F 1 46,600 5 2 500 49,600 49,600 3.50 4.80 3.83 190,C0

2725 Ps5
- 

1,872 SF CS/ADMIRALTY
SOURCE:

E3 BLEED GAS COMP INTERCLR BEU 400 F 1 16,500 5 2 200 17,500 17,500 3.50 4.80 3.83 $6?,;0 ,
100 PSI( 1,083 SF CS/ADMIRALTY
SOURCE:

E4 BLEED GAS CON4P AFTERCLR BEU 400 F 1 30,000 5 2 300 31,800 31,800 3.50 4.80 3.83 $121,800

190 PSIG 1,962 SF CS/ADMIRALT'Y
SOURCE:

450C GAS EXPANSION AND COMPRESSION UNIT
CONSISTING OF THE FOLLOWING
COWRESSORS AND MOTOR:

X1 TURSOEXPANDER 9714 IMP 6,000,000 5 It 60,000 6,360,000 6,360,000 2.00 2.50 2.13 %13,546,800J.'r
96.4S59NSCFD 8 1.37K S 4.371MOLE WI.
SUCT 300 F 8 2395 PSIG
01SCN 108 F a 800 PSIG .-

K2 NYDROGEN COMPRESSOR 3513 SHP 2 1,000,000 5 % 10,000 1,060,000 2,120,000 2.00 2.50 2.13 S.,515'scO
51996 SCFN a 1.287K & 2.156OVLE W1t.
SUCT 110 F a 750 PSIG J
ISCM 340 F a 2475 PSI"

ESILEED GAS COMPRESSOR 3750 IHP T 1 2,330,000 5 % 2Z,300 2,469,800 2,69,800 2.00 2.50 2.13 RS 2 ,7:0
FIRST STAGE 2550 IMP
14989 SCFM a 1.285K & 12.053MOLE WTl.

SUCT 110 F a 0 PSIG
OISCH 255 F a 37 PSIG
SECOND STAGE 259 ImP
14989 SCFM a 1.285K & 12.053MOLE WT.

S.JCT 110 F a 32 PS1-

DISCW 310 F a 165 *SIG P.

S LRCE: Q & K3 I.R. El EST. 5i

,*"%

%'

% r%
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WRKSNEET DATE:16-mr.87

PROJECT: 'URSINE FUEL S PROJECT
TANKLAGE

ESTIMATE NO: r299 BY: J.T.HARLAN
JOe NO: S48768 FOR: L. MAGILL

DOST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION QTT QUOTE ALLOW. FREIGNT COST COST LOW NIG USED CSST

ESTIMATE SUWUAY

270P TOWERS

300R REACTORS

320A AIR COOLED NEAT EXCHANGERS

320S SHELL L TUBE NEAT EXCHANGERS

370N FIRED NEATER$

400T TANKS 18 9,589,300 $22,822,600

.OOV VESSELS

450C COMPRESSORS

450P PUIMPS

480 SPECIALIZED EQUIPMENT

CROLL REYNOLDS STM JET SYS
UNION CARBIDE H.P.U.
W"L/DP/ACP/SRI SYSTEMS L

ELEC. PRECIP. & FLY ASK COLL. SYS
CHEVRON W.W.T PROCESS 5itS.
RALPN N. PARSON CO. SYSTEM

A TOTAL MAJOR EQUIPMENT 18 9,589,300 2.38 S22,22,600

600 INSTRUMENTS 15 % M.E. 1,438,400 4.00 15,733,600

620 INSULATION 254,300 SQ.FT. 2.63 T19,700 3.85 2,T"O,,2

ROUNDING

A*B TOTAL DIRECT INSTALLED COST S31 3-7.0JJ,-

HOME OFFICE COSTS 5 15 D.I.C. 732000

800 CATALYST & CHEMICALS

SUB TOTAL 136,349.03

CONTINGENCY 25 1 19,02.002

ROYALTIES

TOTAL INSTALLED COST 4/a/8 5.5. 1000

ESCALATION 1 YR. FOR TEAR

TOTAL INSTALLED COST 4/0/85 S,.61A00

%I
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SUN RIEFNING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORSHEET OATE:16-Mar.87

PROJECT: TURINEII FUELS PROJECT .

ESTIMATE NO: 7289 BY: .T.HARLAN
JOB NO: 18766 FOR: L. MACILL....................................................................... ....................................................... ..C S E 1 WIT M T R1A A T I S A E 'n -

COST DESIG UNI MTRIAL FACTOR INSTALLED%
CODE DESCRIPTION CTY QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

400 CRUDE TANKAGE 5 631,8" 5 1 15,800 679,300 3,396,500 2.00 3.50 2.38 18,083,70
OPEN. TEMP. 150 F
DIA. 142' NT. 561 ROOF.COV'D.FLOATER
mEATED&INSULATED VOL. 157,956 OILS.

INTERMEDIATE HOT TANCAGE 3 362,695 5 2 9,100 389,900 1,169,700 2.00 3.50 2.38 S2,783,900
OPEN. TEMP. 200 F (150 F CRUDE SIDE) ,
DIA. 100' 4. 561 ROOF-COVO.FLOATER
HEATED&INSULATED VOL. 439,823 CU FT.

INTERMEDIATE COLD TANKAGE 2 245,306 S 1. 6,100 263,700 527,400 2.00 3.50 2.38 S1.255.200 %
OPER. TEMP. 100 F (150 F CRUE STO)-
DIA. 821 NT. 32' ROOF.COV'D.FLOATER
HEATED & INSULATED VOL. 30,099 RLE.

BUTANE PRODUCT SPHERE 566,473 5 V 5,700 600,500 600,500 2.00 3.50 2.38 11,429,200
OPERATING PRESS. 50 PSIG S 100 F
DESIGN PRESS. 75 PSIS a 65o
DIA. 65' VOL. 25,611 IlLS.
SHELL TINK. 1.250' 1ST. 678,6;0 LIS.

AMMONIA STORAGE SPHERE 1 380,000 5 % 3,800 402,800 402,800 2.00 3.50 2.38 S958,700

OPERATING PREEl. 200 PSIG a 100 F
DESIGN PRESS. 225 PS1 S 650

DIA. 42, VOL. 39,000 0., FT CUd
SHELL THE. 2.250 WT. 510,000 LIS.

NAPTNA PRDOUCT TAHAGE 1 545,675 5 2 5,500 5?8,500 578,500 2.00 3.50 2.38 S1,376,800
PER. TEW. 100 F

DIA. 114' NT. 56' ROOF-COV'O.FLOATER
VOLLME 101,805 IlLS.

JET FUEL PRODUCT TANKAGE 4 640,752 5 % 6,400 679,200 2,716,800 2.00 3.50 2.38 16,466,000

OPER. TEMP. 100 F
DIA. 143' MT. 56' ROOF-COVD.FLOATER '.P
VOLIE 160,188 IlLS.

RESIDULN PRODUCT TANKAGE 1 185,900 5 2 1,900 197,100 197,100 2.00 3.50 2.38 S.469,100

OPER. TEMP. 450 F
DIA. 81 MT. 32' ROOF-CONE ROOF
HEATED&IWSULATED VOL. 29,369 BBLS.

A-35A
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SUN rEFINlING MARKETING CO. P. E. T. S. FACTORED ESTIMATE IORKSHEET 0AlE:16-Mqr-8?

PROJE|CT: TURBlINE[ FUELS PRE~CT

STACK GAS SCRUSBING AND COLLECTING UNIT
ESTIMATE NO: 7291 BY: J.T.HARLAN
JOB NO: B".876 FOR: L. MAGILL

a. COST DESIGN UNIT MATERIAL FACTOR INSTALLED
CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST! ~ EST IMATE SUMMARUY

270P TWERS

* 3000 REACTORS

320A Al COOLED HEAT EXCANGERS

320S SHELL & TUBE HEAT EXCHANGERS

370N FIRED NEA TER$

400T TANKS

400V VESSELS

450C COMPRESSORS

45oP PUPI

80SPECIALI ZED EQUI PMNT
CROLL REYNOLD STIN JET ; YS

UNION CARBIDE H.P.U.
W- L/DP/ACP/SRI SYSTEMS 10 7,843,900 &22,590.700
ELEC. PRECIP. & FLY ASH COLL. SYS 2 3,016,000 S8.686,100
CMEVIIION .W.T PROCESS SYS.
RALPH H. PARSOINS CO. SYSTEM

A TOTAL MAJOR EQUIPMENT 12 10.859,900 2.88 S31,276,800

600 INSTRUMENTS 15 1 N.E. 1.629,00 4.00 $6,516,000

620 INSULATION

ROLO ING S200

A-B TOTAL DIRECT INSTALLED COST S37,793,000

HME OFFICE COSTS 15 1 O.I.C. 15,669,000

800 CATALYST & CHEI41CALS

SUl TOTAL 1h3.462,000

CONTINGENCY 25 % $10.866,000

ROYALTIES

TOTAL INSTALLED COST 4/c/8 1506,328.000

ESCALATION Z /YR. FOR YEAR

TOTAL INSTALLED COST 4/a/85 SS4,328.,00

• .p
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IN

SA REFINING AMO M WRTYW, :0 P. E, T. S. FACTORED ESTIMATE WRKSHEET OATE:'6 Mar 87

PROJECT: T..RS!IiE FUE.S >1 '-

STACK GAS SCR j8IkG A) Cm..tClING UNIT
ESTIMATE NO: 7291 SY: J.T.KARLAN
.0S o: ",8768 FOR: L. MAGILL

COST OESIGN UNIT MATERIAL FACTOR INSTALLED %
CODE :ESCR:PTICIW orY OTE ALLOW. FREIGNT COST COST LOW HIGH USED COST

480 RAW MATERIAL STORAGE )WOL~kG AND 1 110,700 3 % 2,800 116,800 116,800 2.50 4.0 2.88 S336,.:0
PREPARATION COMPLETE.
(ELEVATOR SINS, FEEZLR, TANK AGI-
TATION, AND PUMPS)

FLUE GAS IOOLkG . .:;) 1 ',584,400 3 % 15,800 1,647,700 1,647,700 2.50 4.00 2.88 S4,74.5,40

S02 SCRUBBER SYSTEM (I,,.T SCRUBBERS, 1 2,918,500 3 X Z9,200 3,035,300 3,035,300 2.50 4.00 2.88 S8,741,7To
DEMISTERS, TANKS, AGIIATUQS PrPS)

CHLORIDES AND SOL:LS ,'UJGE SYSTEN 1 11.500 3 % 100 11,900 11,900 2.50 4.00 2.88 S54,,3C
(TANKS AND PUIMPS)

STACK aS REHEAT SY2,FM 1 525,500 3 Z 5,300 546,600 546,600 2.50 4.00 2.88 91,574,200

S02 REGEWER.ATIOt STI-TEM (r,.PCTOR- I 679,000 3 5 6,800 706,200 706,200 2.50 4.00 2.88 $2,033,900
CRYSTALLIZERS, EA-ELR, YU[4CEXSERS,
STRIPPERS, COMPRESSORS, TAkKS,
AGITATORS AND PUNPS)

S02 REOUCTION SsTF14 1 654,000 3 5 6,500 680,100 680,100 2.50 4.0 2.88 %1,958,700

SULFUR STORAGE (P!l AkO STLAAE 1 75,500 3 % 80 71,600 78,600 2.50 4.00 2.88 S226,40
TAkK, PUIMPS AND '[A.L;S)

S3DIH SULFATE PJRGE STSIE (:MILLER 1 314,500 3 % 3,100 327,000 327,000 2.50 4.00 2.88 941',Co
CRYSTALLIZER, CENTRIiJGE, ROTARY
-RTER, TANKS, PImP., C.WVEfI[G
EOUIPHENT, SIN, D LCZOUT)

B00STER AV ID FA VS 1 667,000 35 1 6,700 693,700 693,700 2.50 4.00 2.88 S1,997,910

SOURCE FOR THE AIiCVE, IS:
SELLMAN-LORi/DAVY P PAC-RAS/

ALLIED CHEMICAL PROCESS/SJA#

ELECTROSTATIC PRE..P; , I. 1 2,500,000 3 5 25,000 2,600,000 2,600,000 2.50 4.00 2.86 7,8.M-C3

FLY ASH CO.LEC1IOM AND ?t$'L-'L 400,000 35 4,000 416,000 416,000 2.50 4.00 2.88 S,198,.0
SYSTEM CONSISTING OF:

SILO 17' DIA X 35' 80,000
SILO UI.LOAOIkG R" 12' DIA X 15' 20,000
BOTTOM STOR.AGE HOPPER S'XISIX1S

O  
40,000

CONVEYOR SYSTEM 260,000

SOLACE: UNITED CONVEYOR

I j
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SUN REFINING AND MAKElTING CO. P. T. S. FACTORED ESTIMATE hORKSHEET DATE:16-Mor-87

p %

PROJECT: TUlINS FUELS PROJECT a'

LOW PRESSURE AMINE PLANT 
%

ESTIMATE NO: BY: J.T.FAMLAH
O U NO : 8 4 76 8 

F OY : L. IT A ILLI DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

ESTIMATE SLIMARY
at eee fl. t~eeeae. tflt, afl

270P TOWERS 2 211,700 6,800

3003 REACTORS

320A All COOLED HEAT EXCHANGERS

320S SMELL & TUBE NEAT EXCHANGERS 7 179,000 685,500

370H FIRED HEATERS

400T TANKS

400V VESSELS 3 22,400 90,0:0

450C COMPRESSORS

45P PUMPS 4 50.800 241,.40

480 MISC. EQUIPMENT
CROLL REYNOLDS STm JET S1 N
UNION CARBIIDE H.P.U.
-L/OP/ACP/SR! SYSTEMS

ELE-. PRECIP. & FLY ASH COLL. SYS
CHEVRON W.W.T PROCESS STS.
RALPH M. PARSONS CO. SYSTEM

A TOTAL MAJOR EQUIPMENT 16 463,900 1.02 1i,86 ,,c0

60015 .E. 69,600 4.00 1278,0fl

620 INSULATION

ROUNDING 11.20:

A-S TOTAL DIRECT INSTALLED COST 2.. ... ,Z .

HOME OFFICE COSTS 15 % D.I.C. S32 .flO

800 CATALTST & CHEMICALS

SUE TOTAL 2,4.63,flC

CONTINGENCY 25,

ROYALTIES

TOTAL INSTA-IED COST 4/0/19 . 3,0,9,: "

ESCALATION I /YS. FOR YEAR

TOTAL INSTALLED COST 410/ .. 3,. :. ]
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SUN REFINING AND KA14KETING CO. P. E. T. S. FACTORED ESTIMATE WORKSNEET DATE:16-mor.87

PROJECT: TURBINE FUELS PROJECT
LOW PRESSURE MINE PLANT

ESTIMATE N: 7292 BY: J.T.NARLAN
jog IO: .8768 FOR: L. MAGILL

COST DESIGN UNIT MATERIAL FACTO INSTALLED

CODE DESCRIPTION OTT QUOTE ALLOW. FREIGNT COST COST LOW KIGN USED COST

270P TI AMIWE CONTACTOR 650 F 175 PSIG 1 136,500 3 % 1,400 147,400 147,400 4.00 4.00 4.00 S589,600
6.5'XSO- CS/CS W/SE 30,000
SOURCE: BRIGHTON
TRAYS: VALVE TYPE 12CR OTT 20 5,400
SOURCE: BRICKTON

T2 STILL 650 F 73 PSIG 1 59,300 3 1 600 64,300 64,300 4.00 4.00 4.00 S257,200
4' x s0' CS/CS
W/SEIRT 11,0008I
SOURCE: BRIGHTON

TRAYS: VAL TYPE 12CR OTY 20 2,600
SOJRCE: BRIGHTON

320S El LEAN/RICH EXCK AES 650 F 100 PSIG 2 22,000 3 % 200 22,900 45,800 3.50 4.80 3.83 S175,40
900 SF CS / 304 SS
SOURCE: ESTIMATED

E2 STILL COND BEU 400 F 75 1 24,500 3 1 200 25,400 25,400 3.50 *.J6 *.M t
PSIG 680 SF CS /BIMETAL ADMIRALTY/CS
SOJRCE: ESTIMATED

E3 LEAN AIKINE CL li EU 400 F 175 PSIG 2 26,500 3 1 300 27,600 55,200 3.50 4.80 3.83 %211,400W

762 SF CS /SIMETAL ADMIRALITY/CS
SOAC CE: ESTIMATED

E4 STILL REDOILER £EU 650 F 175 1 43,400 3 1 400 45,100 45,100 3.50 4.80 3.83 S172,700
PSIG 1810 SF CS/304 1S
SOURCE: ESTIMATED

ES AMINE RECLAIMER BEV 200 1 7,200 31 100 7,500 7,500 3.50 4.80 3.83 S28,700
PSIG 180 SF CS/'8-8
SOLACE: ESTIMATED

400V VI FLASH TANK 650 F 175 PSIG 1 3,500 3 % 3,600 3,600 4.00 4.10 4.03 S14.510
3.5' X 10 CS/CS W/LEGS 2,S006
SOURCE: ESTIMATED

V2 SURGE TANK 650 F 0 PSIG 1 15,500 3 Z 200 16,200 16,200 4.00 4.10 4.03 165,300
10 X 20, CS/CS W/LEGS 12,200d
SOJRCE: ESTIMATED

V3 REFLUX TANK 650 F 75 PSIG 1 2,500 3 1 2,600 2,600 4.00 4.10 4.03 10,500
2.5' X 10' CS/CS W/lOLS 1,4500 W!
SO UCE: ESTIMATED

450P P1 LEAN AMINE CS/1202 NOR 192 GPM 2 19,300 3 1 200 20,100 40,200 4.00 7.00 4.75 1191,000
DISCN 150 PSIG DELTA 150 PSI.3S"
PUj TEM 140 F 8 0.99 -
MOTOR NP 35 a 7777 RPM
SOURCE: ESTIMATED

P2 STILL REFLUX CS/12C
R 

NOR i8 GpW 2 5,000 3 1 100 5,300 10,600 4.00 7.00 4.75 S50, ,0
OISCN 40 PSIG DELTA 40 PSI 95'
Pump T0mI 120 F 0 0.99 0
MOTORI NP I a ???? RPM
SOURAC: ESTIMATED ,%.,

I

%
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4, tl;UkIG AW KMITTIN XO. P. f. . S. f'*crOffcww tSri nW &KSEET OAtE:16 Mar 8T
16

"ttltCT: 'VIII! fllS eROtCl
$,l 4II STIIPPRS AND AJfUVIA PLANT

!5 s:,kre Vo: X'Ns BY: JS! HARCAN
4' *. ~ 1-YASFOR: L. MACILL

..Sr DESIGN UNIT MATERIAL FACTOR IN TAtLED
,f QTY "tf ALLOW. FREIGHT COST COST 1CM HIGH USED COST

IW"I

-. 1'UA &AR :XA: 'AT ElC (AhAER1

'2$ SNELL L ',SE 'EAT EiACA'ERS

;t'w 'IHED S£4E5

kL S 669,100 s1.592,500

4..
.'MLC ZYIESSSCS

N IOU IC._iJ{,E 4.P.U.N

E : . P E , P . A FL Y A S H CO LL . S Y S

:,EVCIN ,.W.T. PROaISS SYSTEM 1 6,042,000 S17.401,000
iLP M. PAJIS 3S CO. SY(STEM

p *S-AL :A.:4 E aIPHENT 1 6,711,100 2.a3 $18,993.500

!-c : HEY NTS is % ".. 1,006,700 4.00 4026800

P'. ROLWw5i 3300)

A-1 '* :'A4::E :kS'ALLE M'ST S23,O00000

i AS:: S S3,03,000

.!:C :.A'AL.'S' :-[E 4l:ALS

DP1 ":AL S26,473.000

:'EVRON %S 6 2 S6,618,000

R:'AL*:fS

": .:WSTALNE =7:G SIIS33,091,00

:ON.P %. PARSON COR YESAR

%'

01 -,

A Z'L W~OR ZJIUENT1 6711100 .83 118,93.00

frX A$'1.M,',E-N-T1,- •15,.-. 5 wt , 1,00.6,70.... 4.0 ,0,,0



SUN REFINING AND MAACETING CO. P. E. T. S. FACTORED ESTIMATE WORKSMEET OATE:16 Mar87

PROJECT: TURBINE FU.LS PROJECT
SOUR WATER STRIPPER AND AIMOIA PLANT

ESTIMATE NO: 7293 BY: J.T.NARLAM
JOB NO: 148768 FOR: L. KGILL

COST DESIGN UNIT MATERIAL FACTOR INSTALLED

CODE DESCRIPTION OTY QUOTE ALLOW. FREIGHT COST COST LOW HIGH USED COST

.80 ANNYDRO3.JS AM"ONIA RECOVERY SYSTEM 1 5,700,000 5 % 57,000 6,042,000 6,042,000 2.50 4.00 2.88 S17,401,0300
W.W.T. PLANT PRODUCTS

AMMONIA 100.4 ST/D
HYDROGEN SULFIDE 142.6 ST/D
STRIPPED WATER 1,747 GPM 8 140 F

"OT SOUR WATER FEED TANK 1 631,200 5 X 6,300 669,100 669,100 2.00 3.50 2.38 11,592,500
3P:ER. TEMIP. 100 F
CIA. 140' NT. 48' ROOFCOVD.FLOATER
VOLL'E 120,000 6LS.

5
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SUN REFIHHG AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSEET DATE:16 mar 87

PROJECT: TURBINE FUELS PROJECT
SULFUR RECOVERY UNIT

ESTIMATE NO: 2 BY: J.T.mAALAN
Joe No: 48766 FOR: L. 4AGILL

COST DESIGN UNIT MATERIAL FACTOR INSiTALLED
CODE CESCRIPTION OTY UOTE ALLOW. FREIGHT COST COST LOW NIGH USED COST

*.......................................................................................................................................... .................
ESTIMATE SUM4ARY

270P TOWERS 0

3004 REACTORS

320A AIR COOLED HEAT EXCHANGERS

320S SHELL & TUBE HEAT EXCHANGERS

370H FIRED HEATERS

4OOT TANKS

/00V VESSELS

4SOC COMPRESSORS

450P PUMPS

480 SPECIALIZED EQUIPMENT
CROLL REYNOLDS STM JET STS
UNIow CAR IDE H.P.U.
W-L/DP/ACP/SRI SYSTEMIB
ELEC. PRECIP. & FLY ASH COLL. SYS
CHEVRON W.W.T. PROCESS SYSTEM
RALPH M. PARSONS CO. SYSTEM 1 6,148,000 $22,132,800

A TOTAL MAJOR EGUIPMENT 6,148,000 3.60 S22,'32,800

600 !WSTRLMENTS 15 % M.E. 922,200 4.00 S3,688,800

620 INSULATION

ROJNOIkG

A-1 TOTAL DIRECT INSTALLED COST S25,822,,^

HME OFFICE COSTS 15 % D.I.C. $3,873,C0

800 CATALYST & CHEMICALS

SUB TOTAL $29,695,Z0

CONTINGENCY 25 , $7,424,CO0

ROYALTIES

TOTAL INSTALLED COST '/Q/U S37, ^CO

ESCALATION 1 [YR. FOR YEAR

TOTAL INSTALLED COST 4/Q/85 $37,119.3O

4J.
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SUN REFINING AND MARKETING CO. P. E. T. S. FACTORED ESTIMATE WORKSHEET DAIE:I6ar87

SULF"J RECOVE~RY LNITESTMAT NO: 4729FO:I. AG

ESTIATE NO: 79 BY: J.T.XARLAN
.. .. ..B . .. . .. ..O.. ..: I.L. . .. ..L,.. .. . .. . ..6.. . FORl: L. M.AGIILLw

COST DESIGN UNIT .... MATERIAL ..... FACTOR ..... INSTALLED
COE DESCRIPTION OTT QUTE ALLOW. FRE! T141 COST COST LOWJ HIGH USED COST

... ... .. .. ................................................... ...........................................................4.80 SU~LFRl RECOVERY L71IT 1 5,800,00 I5,OO61.,0 ,4,0 .S .036 ;21 'B0 ',-

S.RU. PLANT FEED 5l' %,,0061800 ,4,0 .040036 2,3,0

A4INE ACID GAS 78.6 LT/D

S.W.S. ACID GAS 68.8 LIT/D 4.

TOTAL 147.4 LT/ID

%%

I°j

S'%

.,

A-,-43 ,

2-.''.'



S

S
S - '- ~%.

I I S

.9
A

S.

5'

4 -~

S
9

* I'.-'

Il .5'

S. I
* AL

S

-S (
"'V

.5

-,

S.

-~
SIrr~*

S
S

5 1
S. ~q1

U S.

* '*1
* 5...-...*

S


